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A  procedure  was  developed  for  the  economical  recovery  of  aluminum 
vzhen  the  aluminum  was  used  as  a  coagulant  for  phosphorus  removal  in 
domestic  wastewater  treatment.   The  process  was  developed  initially 
using  synthetic  solutions.   This  allowed  large  quantities  of  sludge  to 
be  readily  available  and  solution  characteristics  were  easily  changed. 
Sewage  treatment  plant  sludge  was  then  used  to  predict  the  prototype 
operating  parameters.   Aluminum-phosphate-organic  sludge  was  collected 
by  coagi:lating  secondary  effluent  from  the  University  of  Florida  Campus 
Sewage  Treatment  Plant.   The  sludge  produced  was  found  to  be  a  combina- 
tion of  oterrettite  and  organic  solids. 

The  sludge  was  first  thickened  using  a  slow-stirring  apparatus  to 
obtain  a  solids  concentration  of  about  four  times  that  of  the  raw  sludge. 
The  sludge  was  then  reacted  with  sulfuric  acid  to  dissolve  the  aluminum 
and  phosphate.   In  order  to  reach  a  pH  of  2.0,  ti;o  moles  of  H2SO4  per 
mole  A-1  "^  were  used.   If  the  supernatant  was  separated  from  the  residual 
organic  sludge  by  sedimentation,  93%  of  the  available  aluminum  was  sepa- 
rated,  if  vacuum  filtration  was  used,  100%  of  the  aluminum  was  separated 
from  the  organic  sludge. 
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In  order  to  separate  the  acidified  aluminum  from  the  phosphate  a 
solvent  extraction  process  was  developed.   A  kerosene  solution  of  alkyl 
phosphates  was  contacted  with  the  aluminum-phosphate  solution  in  a  mixer. 
The  alkyl  phosphates  reacted  ^^;ith  the  aluminum,  ca:using  the  aluminum  to 
become  kerosene  soluble.   Several  different  alkyl  phosphates  were  studied 
in  order  to  optimize  aluminum  extraction.   An  equal  molar  mixture  of 
mono-  and  di (2-ethylhexyl)  phosphoric  acid  was  found  to  be  the  most  effi- 
cient extractant.   It  was  possible  to  extract  98%  of  the  aluminum  from 
the  acidified  aluminum-phosphate  solution.   At  optimal  aluminum  extrac- 
tion conditions  the  reaction  was  found  to  follow  an  equilibrium  equation 
such  that  the  alkyl  phosphate  reacted  as  a  dimer.   The  value  of  the 
equilibrium  constant  was  46.4±0.95  (pK  =  -1.67±0.01). 

The  kerosene  and  water  were  very  insoluble  and  separated  readily  in 
a  settler.   The  aluminum  rich  kerosene  phase  was  contacted  with  6  N  H-^SO/. 
The  aluminum  transferred  from  the  kerosene  phase  and  entered  the  acid 
phase.   The  kerosenetacid  volume  ratio  was  adjusted  to  produce  a  final 
aluminum  concentration  equal  to  the  aluminum  concentration  in  commercial 
alum  (abo'ut  5%)  .   Approximately  98%  of  the  aluminum  in  the  kerosene  was 
transferred  into  the  acid  phase  in  two  countercurrent  stages.   The  recov- 
ered aluminum  was  reused  as  a  coagulant  for  phosphorus  precipitation. 
The  aluminum  free  kerosene  was  recycled  to  the  extraction  stages. 

The  overall  aluminvim  recovery  was  between  89%  and  93%.   The  complete 
process  was  estimated  to  require  tank  capacities  equivalent  to  ten  55-gal- 
lon  drums  per  million  gallons  of  plant  flow.   Very  little  capital  invest- 
ment would  be  required  and  the  process  v7ould  be  equally  applicable  to  both 
large  and  small  treatment  plants.   For  a  treatment  plant  using  200  mg/£  alum 
for  phosphate  removal,  the  cost  of  sludge  handling  with  the  recovery  process 
was  reduced  to  20%  of  the  cost  of  sludge  handling  without  the  recovery  process. 
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CHAPTER  1 
INTRODUCTION 

Phosphorus  nitrogen  and  carbon  are  the  primary  nutrients  responsible 
for  eutrophication  of  lakes  and  streams.   Wastewater  treatment  plants 
throughout  the  country  are  being  faced  with  the  need  to  upgrade  their 
treatment  in  order  to  remove  90%  of  the  biochemical  oxygen  demand  (BOD) 
and  suspended  solids  which  are  indicators  of  the  carbon  content  of 
the  effluent  stream.   In  addition  to  carbon  removal,  phosphorus  and 
nitrogen  removal  is  required  by  many  states.   The  nutrient  removal 
process  easiest  to  control  and  the  most  efficient  nutrient  removal  system 
is  phosphorus  precipitation  by  chemical  coagulation.   Coagulation  for 
phosphate  precipitation  usually  upgrades  the  carbon  removal  such  that 
90%  BOD  and  suspended  solids  removal  standards  can  be  met.   All  states 
that  have  streams  tributary  to  the  Great  Lakes  have  established 
v:astewater  effluent  phosphorus  limits  or  require  a  fixed  percentage 
reduction  of  phosphorus.   Several  other  states  have  also  established 
phosphorus  standards. 

1-1   Sources  and  Quantities  of  Phosphorus 

Domestic  wastewater  normally  has  a  substantial  concentration  of 
phosphorus.   Human  wastes,  including  food  disposal,  account  for  about 
30%--'S0%  of  the  phosphorus  present  in  domestic  v/astewaters  [1].   Detergents- 
containing  phospiiate  builders  which  are  u.sed  principally  for  J.auiidering 


clothes  account  for  the  remainder  of  the  phosphorus.   Sources  of 
phosphorus  other  than  the  home  that  may  cause  deviation  from  these 
percentages  include:   1)  sodium  hexametaphosphate  used  in  corrosion 
control  of  v/ater  distribution  system's,   2)  fertilizer,   3)  animal 
feedlots,   4)  commercial  laundry  wastes,   5)  dairy  wastes,  and 
6)  slaughter  house  wastes.   The  amount  of  phosphorus  produced  by 
industrial  sources  varies  considerably  from  location  to  location. 

The  quantity  of  phosphorus  resulting  from  human  excretions  ranges 
from  0.5  to  2.3  lb  per  capita  per  year  [2],  with  a  mean  value  of  1.2  lb 
per  capita.   The  mean  annual  contribution  of  phosphorus  from  synthetic 
detergents  is  about  2.3  lb  per  capita  [3].   The  phosphorus  values  in 
domestic  wastewater  generally  range  from  6  mg/-C  to  20  rag/£.,  with  an 
average  of  10  mg/-?.  [4]. 

1-2   Standards  for  Phosphorus  Removal 

As  of  June  1971  [3] ,  sixteen  states  had  adopted  wastewater  effluent 
phosphorus  standards.   Either  an  effluent  concentration  limit,  0.1  mg/.£. 
to  2  mg/i-P,  or  a  specified  percentage  reduction,  80%  to  95%,  has  been 
established  by  these  standards.   Specifying  a  final  effluent  concentration 
v>/ould  be  the  preferred  method  for  control  of  eutrophication,  since  the 
effluent  concentration  determines  the  concentration  in  the  receiving 
water,  which  in  turn  governs  algae  growth. 

Dryden  and  Stern  [5]  conducted  a  study  to  determine  the  phosphate 
concentration  needed  in  the  wastewater  plant's  effluent  to  prevent 
algae  growth  of  the  recreational  lake  into  which  the  effluent  was 
discharged.   The  initial  phosphorus  concentration  cf  40  mg/tL  \-ja.s   reduced 


by  coagulation  ivfith  300  mg/t   of  alum  to  less  than  0.5  mg/Z-F ,    averaging 
about  0.25  mg/£-P.   Effluent  phosphate  concentrations  of  0.25  mg/£  to 
0.3  mg/t-V   were  diluted  upon  entry  into  the  lake.   The  lake  phosphate 
concentration  was  less  than  0.05  mg/£-P.   Laboratory  studies  showed  that 
phosphate  concentrations  below  0.5  mg/£.-P  inhibited  algae  growth  to 
so:ne  extent,  but  concentrations  of  0.1  mg/£  to  0.3  mg/c-P  significantly 
inhibited  the  rate  of  growth  and  the  density  of  the  algae.   Grox^rth  almost 
completely  stopped  at  less  than  0.05  mg/t-P.   It  was  observed  that 
between  1  mg/£  and  30  mg/£-P  the  same  algae  growth  occurred. 

Ideally,  standards  would  be  established  to  limit  the  effluent 
phosphate  concentration  to  that  necessary  to  limit  the  receiving  streams' 
effluent  concentration  to  a  value  below  that  of  about  0.05  mg/£.  . 
In  some  lakes  and  streams  100%-P  removal  of  t%rastewater  effluents  would 
not  reduce  the  phosphate  concentration  below  0.05  mg/'l  due  to  runoff 
sources  of  pollution.   In  other  areas,  the  dilution  factor  may  be  high 
enough  that  no  treatment  plant  phosphate  removal  is  required. 

1-3   Phosphorus  Removal 

Phosphorus  can  be  removed  from  wastewater  effluents  by  ion 
exchange,  reverse  osmosis  and  other  demineralization  techniques,  or 
by  chemical  coagulation.   The  r.iost  economical  method  is  chemical 
coagulation.   The  three  major  precipitants  tor  phosph'jrus  remioval 
include  lime  and  salts  of  iron  and  aluminum.   The  coagulant  can  be 
added  before  the  primary  sedimentation  tank,  in  the  aerator  of  an 
activated  sludge  plant,  before  the  final  sedimentatio;i  tank,  or  in  a 
tertiaiy  process.   Phosphorus  removal  and  secondary  effluent  clarification 
have  been  found  to  be  better  vzith  alum  than  with  lime  [3,6].   Alum  and 


iron  appear  tc  produce  about  the  same  phosphorus  and  suspended  solids 
removal  [7].   The  sludge  produced  from  coagulation  by  either  iron  or 
alum  is  of  very  low  density,  contains  large  amounts  of  water  of 
hydration,  and  is  therefore  difficult  to  dewater.   Alum  sludge  is 
generally  easier  to  dewater  than  iron  sludge  and  consequently  alum 
is  preferred  for  coagulation  [7].   On  the  other  hand,  lime  sludge  dewaters 
quite  readily  and  can  be  disposed  of  very  economically.   Recovery 
processes  have  also  been  developed  for  lime,  lowering  the  sludge  handling 
costs  further.   Lime  has  therefore  often  been  the  coagulant  of  choice  for 
phosphate  precipitation,  even  though  the  effluent  quality  produced  by 
lime  coagulation  is  often  below  that  which  can  be  obtained  by  alum 
coagulation. 

It  has  been  estimated  [8]  that  a  solids  content  for  alum  sludge  of 
20%  is  needed  to  landfill  the  sludge  in  conjunction  with  other  materials 
such  as  municipal  solid  wastes,  and  that  a  40%  solids  content  is  necessary 
for  landfilling  the  sludge  alone.   Present  methods  of  alum  sludge 
dewatering  require  large  capital  and  operating  expenses.   The  cost  of 
alum  sludge  handling  can  be  tvjice  as  much  as  the  cost  for  capital, 
operation,  and  maintenance  of  the  coagulation  process  for  phosphate 
precipitation  by  alum  added  to  secondary  effluent. 

The  use  of  alum  as  a  tertiary  coagulant  would  probably  increase 
if  an  economical  method  of  sludge  disposal  could  be  found.   Our  nation's 
recent  interest  in  the  three  R's,  recovery,  recycling,  and  reuse,  has 
led  many  investigators  to  the  conclusion  that  some  form  of  alum 
recovery  and  recycling  scheme  is  needed  for  alum  treatment  to  become 
economically  justified.   There  have  been  no  economical  systems  developed 
to  recover  alum  from  sludges  where  phosphate  removal  is  one  of  the 


treatment  plant  objectives.   The  aluminum  can  be  dissolved  easily 
and  separated  from  the  organic  sludge,  but  the  phosphorus  is  also 
dissolved.   Before  the  aluminum  can  be  reused  as  a  coagulant,  it  must 
be  separated  from  the  phosphate.   The  high  cost  of  aluminum-phosphate 
separation  has  prevented  alum  recover}'  from  becoming  economical. 

1-4   Purpose  of  This  Research 

It  was  the  purpose  of  this  research  to  devise  an  economical  means 
of  recovering  alum  from  aluminum  phosphate  sludges  produced  by  coagulation 
of  secondary-treated  wastewater.   The  recovery  process  requires  that 
the  alum  be  phosphate  free,  and  in  a  form  suitable  for  reuse  as  a 
coagulant.   The  alum  should  be  concentrated  sufficiently  to  minimize 
storage  and  pumping  costs.   The  process  should  be  adaptable  to  small 
treatment  plants  at  a  minimal  initial  capital  outlay.   Finally,  the 
process  should  be  easy  to  operate,  and  compatible  with  existing  waste- 
water treatment  processes. 

Solvent  extraction  has  been  successfully  used  in  the  recovery 
of  some  heavy  metals  from  leachate  liquors.   In  this  research  a  solvent 
extraction  recovery  process  has  been  developed  for  aluminum  recovery 
from  sludges  produced  by  aluminum  addition  to  secondary  effluent  for 
phosphate  precipitation. 

Chapter  2  describes  the  present  state  of  the  art  of  alun  recovery, 
while  Chapter  3  discusses  solvent  extraction  as  applicable  to  this 
research.   The  procedures  that  were  employed  are  outlined  in  Chapter  4. 
The  process  was  first  applied  to  s^mthetjc  sludge  solution,  Chapter  5, 
and  then  to  actual  wastewater  treatment  plant  sludges.  Chapter  6.   The 
proposed  process  design  is  presented  in  Chapter  7,  followed  by  an  economic 
evaluation  in  Chapter  8. 


CHAPTER  2 
CHARACTERISTICS  OF  ALUMINU>I  PHOSPHATE  COAGULATION 

In  this  chapter  the  chemistry  of  aluminum  phosphate  compounds  are 
presented,  including  the  reactions  pertinent  to  aluminum  phosphate 
coagulation  and  subsequent  sludge  dissolution.   Also  presented  is  a 
brief  review  of  operating  data  for  phosphorus  removal  by  alum. 
Characteristics  of  aluminum  phosphate  sludge  are  discussed.   Finally 
a  literature  review  of  previous  methods  to  recover  alum  is  presented. 

2-1   Chemistry  of  Aluminum  Phosphate  Precipitation 

The  most  abundant  forms  of  dissolved  inorganic  phosphorus  exist 

-(3-x) 
as  protonated  orthophosphates ,  H  PO,       ,  protonated  pyrophosphates, 

H  P^O     "^  ,  protonated  trimetaphosphates ,  H  _P  0     '  ,  and  protonated 

tripolyphosphates,  H^ P  0        .   In  secondary  sewage  effluents  the 

protonated  orthophosphates  represent  70  to  90%   of  the  total  phosphorus 

present  [9].   Theoretically  all  polyphosphates  in  the  natural  environment 

eventually  hydrolyze  into  orthophosphate.   Consequently  the  interaction 

between  the  soluble  orthophosphate  group  and  the  cation  used  for 

coagulation  is  of  particular  importance  in  phosphate  removal  from 

wastewater  effluents. 

Orthophosphate  falls  under  the  general  category  of  a  polyprotic 

acid.   With  a  tribaslc  acid  such  as  pliosphoric  acid,  there  are  three 

stages  of  ionization.   The  degree  of  ionization  is  dependent  upon  the 


pH  of  the  solution.   In  the  pH  range  from  6  to  8,  tlie  range  encountered 
in  secondary  sewage,  the  pliosphate  is  present  primarily  as  H  PO.   and 
HPO,^~, 

The  principal  aluminum  compounds  that  are  coramerclally  available 
and  suitable  for  phosphorus  precipitation  are  alum  and  sodium  aluminate. 
Both  of  these  chemicals  are  available  in  either  liquid  or  dry  forms. 
Alum  is  acidic  in  nature  while  sodium  aluminate  is  alkaline.   By  far 
the  most  widely  used  aluminum  compound  for  coagulation  is  alum.   Almost 
all  the  alum  produced  in  the  United  States  is  manufactured  from  bauxite 
and  bauxitic  clays.   The  ore  is  ground  and  reacted  with  sulfuric  acid. 
The  reaction  is  represented  by  the  following  equation, 

Al^O  (s)  +  3H^S0,  +  1111  0  =  A1^(S0  )  •  lAH  0  (o_i-) 

2  3        2   4      2      2    4  3     2  ^-   -'--' 

The  liquor  is   separated  from  any  unreacted  ore  and  then  adjusted  in 
strength  to  8%  to  8.3%  A1„0  .   It  is  practically  free  of  insoluble  matter 
and  sold  as  liquid  alum.   The  purified  alum  solution  can  be  converted 
to  dry  alum  by  carefully  controlled  evaporation  so  that  the  Al  0   content 
is  brought  up  to  17%.   The  solution  is  spread  on  long  slabs  and  allowed 
to  solidify.   The  resulting  solid  is  then  ground  or  powdered  and  shipped 
in  bags  or  in  bulk.   Typical  properties  of  liquid  and  dry  alum  are  given 
in  Table  2-1. 

Liquid  alum  is  shipped  at  about  a  50%  alum  concentration.   Liquid 
alum  can  be  fed  directly  to  the  coagulation  basin  or  can  be  diluted 
into  the  range  of  15%  to  50%  before  use  as  a  coagulant  feed.   It  has 
been  sho\vm  [10]  that  dilution  has  little  effect  on  the  efficiency  of 
coagulation  by  alum.   As  pointed  out  by  Recht  and  Ghassemi  [11],  dilution 
of  the  coagulant  feed  may  not  affect  the  coagulation  properties  of 


TABLE  2-1 
Properties  of  Commercial  Alum 


Chemical  formula 

Molecular  veight 

1   AI2O3 

Weight/gal,  lbs/gal 

Dry  alum  equivalent,  lbs /gal 

Bulk  density,  Ibs/cu  ft 

Ground  61-72 

Rice  56-63 

pH  of  1%  solution  3.5 

Solubility  in  water 

At  68°?  87  gms  AI2 (SO4) 3- I4H2O/IOO  gms  H2O 

At  320C  71  gms  AI2 (SO4) 3' 14H2O/100  gms  H2O 


Dry 

Liquid 

Al2(S04)3- 

'I4H2O 

AI2  (504)3-141120 

594 

594 

17.1 

.  8.3 
11.13 
5.4 

Crystallization  point,  °F 


Source:   Anerican  Cyanamid  Co.,  Cyanamid  Alum,  p.  40,  1972. 


aluminum  due  to  the  fact  that  the  aluminum  feed  solution  does  not 
undergo  hydrolysis  below  a  pH  of  3.0.   However,  economics  play  an 
important  factor  in  the  choice  of  concentration  of  the  alum  solution 
to  be  fed.   For  example,  if  a  p].ant  vjas  feeding  an  average  of  250  mg/£ 
alum  from  a  0.1%  alum  solution,  the  required  alum  flow  rate  would  be 
25%  of  the  plant  capacity.   In  order  to  minimize  pumping  costs  and 
the  resulting  plant  capacity  a  concentrated  solution  of  alum  is  highly 
desirable. 

Despite  considerable  research,  the  basic  chemistry  of  phosphate 

3+ 
reactions  with  Al   has  remained  obscure,  and  interpretations  of  data 

reported  in  the  literature  have  often  been  quite  contradictory.   To 

illustrate.  Lea  et  al.  [7]  and  Henriksen  [12]  presented  results 

supporting  the  view  that  the  removal  of  phosphate  involved  adsorption 

onto  precipitating  aluminum  hydroxide.   However,  according  to  Sturam  [13], 

Cole  and  Jackson  [14]  and  Recht  and  Ghassemi  [11] ,  the  interaction  of 

aluminum  with  orthophosphate  resulted  in  the  formation  of  insoluble 

metal  phosphates.   Considerable  disagreement  also  exists  between  various 

Investigators  on  the  kinetics  and  stoichiometry  of  aluminum-phosphate 

reactions,  and  on  the  effect  of  various  parameters  such  as  pH  and  ionic 

concentrations  on  the  efficiency  of  phosphate  removal.   Thus,  Stumm  [13] 

reported  that  under  proper  pH  control  and  at  low  aluminum-phosphate 

ratios,  the  reaction  of  aluminum  'i.'ith  orthophosphate  was 

Al^+  +  H2PO4''  =  AlP04(s)  +  2H'^  (2-2) 

provided  that  sufficient  time  for  the  precipitation  was  allowed.   In 
actual  practice,  however,  even  under  optimum  pH  conditions,  considerably 
higher  than  stoichiometric  amounts  of  aluminum  are  needed  for  complete 
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precipitation  of  phosphates.   In  order  to  account  for  the  higher 
aluminum  necessary  for  phosphate  precipitation,  the  following  reactions 
have  been  proposed  to  occur,  depending  upon  the  alkalinity  of  the 
wastevjater . 

A1„(S0,)    -lAH.O  +   6HC0   "   =    2Al(0H)^(s)    +   6C0-   +  lAH^O  +  350,^"  (2-3) 

or, 

Al    (SOJ    -lAH   0   =   2A1(0H)     rs)    +   3H    SO,    +   8H   0  (2-^ 

2432  3  24  2 

Farrell  et  al.  [15]  pre'sented  the  following  general  equation  for 
phosphate  precipitation  by  alum. 

A1_(S0,),  +  Na„HPO,  +  3H„0  =  Al(OH) „ -AlPO, ( s)  +  Na_SO,  +  2H„S0,     (2-5) 
243      24      2  3      4         24      24 

Equation  (2-5)  gives  an  aluminum  to  phosphorus  ratio  of  2:1.   Approximate 

molar  ratios  necessary  for  phosphate  precipitation  are  presented  in 

Table  2-2  [3] .   Cole  and  Jackson  [14]  analyzed  the  sludge  resulting 

from  aluminum  phosphate  precipitation.   By  x-ray  differaction  they  found 

two  forms  of  aluminum  phosphate:  variscite,  Al(OH)  H  PO  ;  and  sterrettite, 

[Al(OH) „ ] _HPO,H„PO, .   From  their  results  the  following  reactions  can  be 
I    i        4  2   4 

proposed. 


3Al„(SO,),-14H^O  +   2H„P0.      +   2HP0,      =   2 [Al (OH) „ ] „HPO. H,PO, ( s)    + 
2432  24  4  2342-+ 

6H^S0,    +   350,-"  +  3Gi-^0  (2-6) 

2      4  4  2 

or, 

A1„(S0,)     -lAH^O  +   2H^P0   "   =    2A1  (OH)  „H„PO    r  s)    +   2H„S0,    +  SOr'+lOH^O         (2-7) 
2432  24  224  24  ^  I 

Reaction  (2-6)  has  an  A1:P  ratio  of  3:2  and  in  reaction  (2-7)  the  ratio 
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TABLE  2-2 

Aluminum  to  Phosphate  Molar  Ratio 
Necessary  for  Phosphate  Removal 


P  Reduction  A1:P  AlumtP 


Required Mole  Ratio Weight  Ratio Weight  Ratio 

75%  1.38:1  1.2:1  13:1 

85%  "'   1.72:1  1.5:1  16:1 

95%  2.3:1  2.0:1  '  22:1 


Source:   EPA,  "Process  Design  Manual  for  Phosphorus  Removal,"  contract 
#14-12-936,  Oct.  1971,  p.  3-3. 
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is  1:1.   A  log  solubility  diagram  at  an  ionic  strength  of  zero  (1=0)  is 
shown  in  Figure  2-1  for  AlPO^(s)  and  Al (OH) 2n9P0^(s) .   Table  2-3  shows 
the  pertinent  equilibrium  constants.   An  equilibrium  constant  was  not 
available  for  sterrettite  and  consequently  a  solubility  diagram  could 
not  be  drawn  for  this  compound.   As  can  be  seen  variscite  has  a  lower 
solubility  than  AlPO^  ,  with  only  a  slight  difference  in  minim.um 
solubility  pH.   Recht  and  Ghassemi  [11]  found  an  A1:P  molar  ratio  of 
1.4:1  to  be  optimum  for  phosphate  removal  and  concluded  that  one  of  the 

ionized  aluminum  hydroxide  forms  reacted  with  the  phosphates  rather 

3+ 
than  free  Al   .   Their  work  showed  evidence  that  reaction  (2-6)  may 

have  been  controlling  the  precipitation.   Cole  and  Jackson  [14]  found 

A1(0H)„H„P0,  to  dominate  when  coagulation  took  place  at  a  pH  of  2.4 

to  4.0;  whereas  [Al(OH) 2]3HP04H2P04  dominated  at  a  coagulation  pH  of 

5.0  to  6.0,  vjliich  is  the  optimal  pH  range  for  phosphate  removal  in 

wastev7ater  effluents.   Undoubtedly  the  precipitation  is  more  complicated 

than  that  represented  by  reaction  (2-6)  ,  but  this  reaction  may  be  more 

indicative  of  the  compounds  formed  than  are  reactions  (2-2)  through 

(2-5) .   A  possible  source  of  aluminum  demand  other  than  carbonates  and 

phosphates  is  the  reaction  of  aluminum  and  organic  anions.   Struthers 

and  Sieling  [16]  found  that  hydroxyl  groups  such  as  tartrate  and  oxalate 

and  carboxylic  groups  such  as  citrate  and  malate  inhibited  precipitation 

of  aluminum  phosphates.   Before  precipitation  of  aluminum  phosphates 

took  place  the  aluminum  first  had  to  react  with  all  the  organic  anions. 

Many  organic  alcohols  and  acids  are  by-products  of  enzyme  action  and 

would  be  expected  to  be  present  in  wastewater  effluents. 

The  optimum  pH  for  aluminum-phosphate  coagulation  has  been  reported 

to  be  betvjeen  pH  5.5  and  6.5  [3].   It  can  be  seen  from  Figure  2-1 

that  che  optimal  pH  for  AIPO4  and  Al(OH)2H2P04  precipitation  is  about  6.0. 


Figure  2-1.   Aluminum-Phosphate  Solubility  Diagram  at  an  Ionic 
Strength  of  Zero.   Diagram  drax^m  such  that  the 
aluminum: phosphate  molar  ratio  in  solution  equals 
1:1.   The  species  considered  were  AlPO^(s), 
Al(OH)2H2P04(s),  A10h2+,  and  A1(0H)4. 
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TASLE   2-3 
/vluninuTn  and  Phospliate   Equilibriun  Constants 
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Species 


Ionic  Strength 


1   =   0 


1   =   1 


AlP04(s) 

Al(0H)2H2P04(s) 

Al'i+  +  4(0H)~  =   Al(0;i)4 

Al^"^  +  H2O  =  A10II2+ 

H3PO4,    K^^ 


K 


a2 


K 


a3 


10' 


10 


-21 


-30.5 


1032.5 

10-5 
-2.12 


10 


10' 


-7.21 


10 


-12.32 


10-18.3 

10-28.7 

1030.7 

10-5.6 

10-2.42 

10-7.81 

10-13.22 
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Recht  and  Ghasseml  [11]  conducted  kinotic  experiinents  on  the 
precipitation  of  orthophosphate  with  aluminum  nitrate.   The  data  in- 
dicated a  drop  in  phosphate  concentration  from  the  initial  12  mg/Z-F 
to  0.1  mg/iL-P  in  less  than  60  seconds  following  the  addition  of  aluminum 
nitrate.   No  further  removal  of  phosphate  was  observed  after  this 
period,  despite  the  very  noticeable  gradual  growth  and  agglomeration  of 
the  precipitate.   They  concluded  that  the  reaction  itself  was  very  rapid 
and  that  the  kinetics  of  aluminum-phosphate  precipitation  were  dependent 
upon  mixing.  ^ 

The  effectiveness  of  aluminum  salts  as  coagulants  for  polyphosphate 
removal  has  also  been  the  subject  of  controversy.   Sai^^ryer  [17]  reported 
that  alum  salts  are  highly  effective  in  removing  all  forms  of  phosphates. 
According  to  experiments  reported  by  Stumm  [13]  tripolyphosphates  were 

not  removed  to  an  appreciable  extent  due  to  the  formation  of  soluble 

-2 
complexes  such  as  AlP  0     .   Recht  and  Ghassemi  [11]  found  the  optimal 

pH  range  for  aluminum-polyphosphate  coagulation  to  be  very  narrow,  with 

the  optimum  at  pH  5.5.   Even  at  a  2:1  A1:P  ratio  complete  polyphosphate 

precipitation  was  not  achieved.   Tripolyphosphates  could  only  be  reduced 

by  83%  under  optimum  conditions.   Pyrophosphates  were  reduced  by  95% 

at  a  pH  of  5.5.   Pyrophosphate  removal  also  required  an  A1:P  ratio  of 

2:1,  which  may  account  for  A1:P  ratios  greater  than  1:1  being  necessary 

for  phosphate  removal  from  secondary  effluent. 

Sodium  aluminate  has  met  with  mixed  success  as  a  coagulant  for 

phosphate  removal.  .  The  sodium  aluminate-phosphate  reaction  can  be 

represented  as  follows, 

3- 

NaAlO^  +  PO,    +  2H^0  =  AlPO, (  s)  +  NaOH  +  30H  (2-8) 

2      4       2         4 
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with  the  accompany dng  reaction, 

NaAlO^  +  H2^°3  '^'   ^2°  "  Al(OH)^(s)  +  NaHCO^  (2-9) 

Unlike  alum,  sodium  alurninate  raises  the  pH  upon  addition.  Low 

alkalinity  waters  do  not  respond  well  to  phosphate  removal  by  sodium 

alurninate,  because  the  pH  rises  above  the  optimal  pH  range  for  phosphate 
removal  [15] . 

2-2   Phosphorus  Removal  by  Aluminum  Addition  to  Secondary  Effluent 
Equipment  for  phosphate  removal  typically  consists  of  mixers, 
f locculators,  settlers  and  filters.   An  alum  dosage  of  100  to  200  mg/£ 
is  required  for  phosphate  rem.oval  from  most  wastewater  effluents,  while 
dosages  of  50  to  100  mg/-£  are  generally  sufficient  for  effluent  clari- 
fication of  suspended  solids.   Settling  alone  will  reduce  residual 
phosphate  to  1  mg/Z,   while  filtration  can  reduce  phosphates  to  less 

than  0.1  mg/£.   Surface  overflow  rates  for  clarifiers  have  ranged  from 

2 
5S0  to  ].A40  gpd/ft  ,  with  the  lovjer  end  of  this  range  giving  more 

2 

consistent  results.   Filtration  rates  of  2  to  5  gpm/ft   have  been  used. 

For  a  more  detailed  analysis  of  phosphorus  removal  facilities  the  reader 
is  referred  to  i:he"EPA  1971  Process  Manual"  [3]. 

2-3   Aluminum-Phosphate  Sludge 

The  sludge  flow  produced  by  aluminum  coagulation  of  secondary 
wastewater  effluents  is  approximately  1%  of  the  total  plant  flow  [18]. 
The  sludge  has  a  solids  content  of  about  0.5%  to  1%.   If  a  100  mg/Xl 
alum  dosage  is  used  and  aluminum  l.oss  in  the  effluent  is  considered 
negligible,  the  sludge  will  contain  an  equivalent  of  10,000  mg/£  alum, 
of  910  mg/-£  Al  '  .   Typically  volatile  organic  solids  represent  about 
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40%  [19]  to  50%  (this  research)  by  weight  of  the  total  sludge.   Aluminum- 
phosphate  sludge  can  be  expected  to  increase  the  total  plant  sludge 
flovj  by  about  50%  [20]  by  volume  and  double  the  dry  weight  solids  [19,20] 
produced  by  the  treatment  plant. 

Aluminum-phosphate  sludges  have  presented  significant  disposal 
problems.   The  primary  methods  for  disposal  have  been  digestion  or 
dewatering  followed  by  landfilling.   It  has  been  reported  [3]  that  sludges 
resulting  from  aluminum  addition  during  secondary  treatment  could  be 
used  in  anaerobic  digestion.   However,  Brown  [21]  found  that  the  alum 
sludge  had  an  adverse  effect  on  the  anaerobic  digestion  process  and  that 
the  resulting  digested  sludge  would  not  dewater  well  on  drying  beds. 
Attempts  at  several  wastewater  plants  in  Florida  [20]  to  use  aluminum 
coagulated  sludges  in  conjunction  with  primary  sludge  in  digesters 
were  not  successful.   The  result  was  that  the  plants  were  forced  to  use 
aerobic  digestion.   Aerobic  digestion  has  been  successful  in  producing 
a  5%  solids  content  sludge  [20].   However,  a  large  increase  in  digestion 
facilities  vjaa  necessary  to  accomodate  the  increase  in  mixed  liquor 
suspended  solids. 

Dewatering  waste  alum  sludge  is  difficult.   The  vacuum  filter  yield 
of  alum  wastewater  sludge  is  0.4  to  0.8  Ib/hr/sq  ft  as  compared  to  10 
to  40  Ib/hr/sq  ft  for  lime  wastewater  sludge  and  4  to  8  Ib/hr/sq  ft  for 
mixed  digested  sludge.   A  weight  solids  content  of  20%  for  alum  sludge 
is  near  the  maximum  that  can  be  attained  by  vacuum  filtration. 

Several  other  .methods  are  available  for  alum  sludge  dewatering. 
Most  of  the  processes  have  been  used  in  the  water  treatment  industry 
rather  than  wastev/ater.   Several  methods  of  alum  sludge  dewatering 
were  compared  by  Westerhoff  and  Daly  [22]  .   Pressure  filtration,  scroll 
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and  baslr.et  centrif ugation,  and  artificial  freeze-thaw  were  all  employed. 
Pressure  filtration  had  operating  characteristics  very  similar  to  vacuum 
filtration,  v/ith  a  40%  final  solids  content  being  possible.   Pressure 
filtration  was  shown  to  be  less  expensive  for  dev/atering  alum  sludges 
than  vacuum  filtration  [22].   Scroll  centrifugation  produced  a  20%  final 
solids  and  basket  centrifugation  produced  a  final  solids  of  about  10%. 
Neither  centrifugation  method  has  found  widespread  use  for  alum  sludge 
dewatering.   A  freeze-tliaw  process  was  used  to  improve  sludge  dev:ater- 
ability.   In  this  process  the  sludge  was  frozen,  thawed,  and  thickened. 
A  17%  final  solids  was  attained  by  this  method.   If  the  thickened  sludge 
was  vacuum  filtered  a  40%  to  60%  solids  material  v/as  produced.   The 
freeze-thaw  method  was  not  found  to  be  economical.   Presently  vacuum 
filtration  is  the  most  common  method  of  alum  sludge  dewatering,  with 
pressure  filtration  gaining  acceptance  as  a  viable  alternative. 

2-4  Aluminum-Phosphate  Sludge  Dissolution 

Aluminum-phosphate  solid  is  amphoteric  and  can  be  dissolved  either 
in  acid  or  alkaline.   Figure  2-2  shov/s  the  theoretical  AlPO^  solubility 
diagram  at  a  ionic  strength  of  1.   If  AlP04(s)  is  the  primary  solid 
present ,  at  a  pH  of  2  approximately  5x10"  M  solution  of  Al    can  be 
dissolved  in  equilibrium  with  AlFO/^,  whereas  a  5x10"  M  solution 
cannot  be  dissolved  on  the  basic  side  until  a  pH  of  12.6  is  reached. 
It  is  less  expensive  to  lower  the  pH  to  2.0  than  to  raise  the  pH  to 
12.6  and  therefore  the  acidic  method  for  alum  dissolution  has  generally 
been  utilized  in  water  treatment.   The  dissolution  can  be  represented  by, 


2A1(0H)  (s)  +  3H  SO   =  Al  (SO  )   +  6H  0  (2-10) 

3        2  4     2   4  3     2 


Figure  2-2.   Aluminum-Phosphate  Solubility  Diagram  at  an  Ionic 
Strength  of  One.   Diagram  drax-m  such  that  the 
aluminum: phosphate  molar  ratio  in  solution  equals 
1:1.   The  species  considered  \'iere   AlPO/(s), 
Al(OH)2H2?04(s),  A10H+,  and  A1(0H)4. 
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when  phosphates  are  not  present,  and  by 

2A1P0. (s)    +    3H-S0.    =   A1„(S0. )_    +   2H    PO.  (2-11) 

h  24  24J  J4 

when  phosphates  are  present.   In  the  field  of  wastewater  treatment 

both  the  acidic  and  basic  methods  of  AlPO   dissolution  have  been 

4 

attempted.   Generally,  the  alkali  dissolution  can  be  represented  by 
reaction  (2-12)  in  potable  water  treatment. 


Al(OH)  (s)  +  NaOH  =  NaAiO  +  2H  0  (2-12) 

and  by  reaction  (2-13)  in  wastewater  treatment. 


AlPO, (s)  +  4NaOH  =  NaAlO^  +  Na  PO,  +  2H^0  (2-13) 

4  2      3   4      2 

If  phosphate  removal  is  an  objective  of  the  treatment  It  is  necessary 

to  separate  the  dissolved  aluminum,  NaAlO   or  Al  (SO  )  ,  from  the 

2      2   4  3 

dissolved  phosphate,  Na„PO   or  H  PO  ,  before  the  aluminum  is  reused 
as  a  coagulant.   The  majority  of  the  research  on  alum  recovery  has  been 
done  in  the  field  of  potable  water  treatment  where  alum  was  used  for 
turbidity  and  coJ.or  removal,  and  phosphates  Vv^ere  not  a  porblem.   Alum 
recovery  has  found  application  in  water  treatment  plants  in  Japan, 
but  the  United  States  has  been  slox-;  in  adopting  its  use.   The  major 
problem  with  recovery  in  the  water  treatment  field  has  been  the  redissol- 
ving  and  therefore  recirculating  of  tVie  precipitated  color  and  the 
possible  build-up  of  inorganic  impurities.   The  next  section  will 
present  a  review  of  the  research  that  has  been  done  on  alum  recovery 
in  potabJe  water  treatment.   This  will  be  followed  by  a  reviev/  of  the 
alum  recovery  studies  conducted  on  wastewater  alum  sludges  where  phosphate 
removal  was  a  treatment  objective. 
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2-5   Recovery  of  Alun  in  Water  Treatment  Plants 

As  outlined  by  Roberts  and  Roddy  [23]  the  earliest  attempt  to 

reclaim  alum  sludge  was  made  by  Jev;el,  who  in  1903  patented  a  process 

for  water  treatment  and  for  reclaiming  the  coagulant  by  reacting  the 

aluminum  hydroxide  with  sulfuric  acid.   Mathis,  in  1923,  was  issued 

a  patent  for  basically  the  same  process  as  developed  by  Jewel.   "Black 

Laboratories,"  of  Orlando,  Florida,  in  1951  suggested  the  use  of  an 

alum  sludge  recovery  process  utilizing  the  sulfur  dioxide  gas  from  boiler 

stacks  as  a  source  of  sulfuric  acid.   Some  of  the  first  reported  alum 

recovery  research  in  the  water  treatment  field  was  by  Palin^ [24] . 

Palin's  work  v;as  conducted  at  the  Whittle  Dene  Waterworks  of   Newcastle, 

England.   In  his  first  set  of  experiments  filter  washvjater  was  treated 

with  0.05%  and  0.1%  (by  volume)  sulfuric  acid.   Chloride  was  added  to 

oxidize  the  color  present  in  the  washwater.   This  treated  washwater 

was  then  used  in  conjunction  with  fresh  alum  in  order  to  determine 

the  amount  of  fresh  alum  needed  to  lower  the  color  to  10  Hazen.   Palin 

found  that  in  treating  raw  water  28  ppm  alum  was  needed,  while  treating 

raw  water  plus  3%  treated  washwater  only  11  ppm  alum  was  needed. 

Despite  this  large  reduction  in  alum  dosage  the  cost  of  acid  used  was 

higher  than  the  cost  of  alum  saved.   In  a  second  experiment,  0.4%  of 

concentrated  sulfuric  acid  was  added  to  sludge  with  a  2%  solids  content. 

The  results  of  the  subsequent  coagulation  arc  sbovm  in  TabJe  2-4. 

Palin  reported  superior  results  when  the  sludge  was  charred  at  400  °C 

before  acid  treatment.   It  was  found  that  1  ton  of  oven  dried  sludge 

would  yield  2  tons  of  aluminum  sulfate  cake  (14%  A1„0  )  upon  addition  of 

about  0.9  tons  of  98%  H^SG, . 

2   4 


TABLE  2-4 

Coagulation  of  Raw  Water  by  Filtrate  from 
Acid-Treated  Sludge  -  Palin's  Data 
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Percent  treated  sludge 
added  to  rav;  water 

Color,  Hazen 

pH 


0.0 

0.13 

0.25 

0.38 

44.0 

47.0 

27.0 

0.0 

7.5 

7.2 

6.9 

6.8 

Source:   Palin,  A.  T. ,  Proc.  Soc.  Wat.  Treatment  Exam,  3:131  (1954) 
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In  Tampa,  Roberts  and  Roddy  [23]  studied  the  recovery  of  alum  in 
both  a  pilot  and  full  scale  process.  The  recovery  was  based  upon  the 
following  reaction, 

2Al(0H)^(s)  +  SH^SO^  =  Al^CSO^)^  +  eH^O  (2-14) 

The  alum  sludge  was  thickened  by  settling  for  3  hours.   The  solids 
content  reached  1%  in  pilot  plant  scale  and  as  high  as  2%  on  full 
scale  operation.   The  sludge  samples  were  reacted  v;ith  enough  sulfuric 
acid  to  convert  the  aluminum  hydroxide  to  aluminum  sulfate.   The  amount 
of  acid  used  varied  depending  upon  the  alkalinity  of  the  ra^  water. 
The  pH  range  for  complete  aluminum  dissolution  was  between  1.5  and  2.5 
for  highly  alkaline  and  less  alkaline  waters,  respectively.   After  the 
reclaimed  alum  was  recycled  ten  times,  there  was  no  reduction  in 
finished  water  quality.   It  was  estimated  that  chemical  costs  could  be 
reduced  by  70%  using  the  acid  recovery  method. 

Isaac  and  Vahidi  [25]  in  1961  studied  alum  recovery  for  a  method 
of  sludge  disposal,  noting  the  difficult  problem  of  drying  and  disposing 
of  the  alum  sludge.   Isaac  first  tested  the  alkaline  and  acid  methods 
of  aluminum  recovery.   He  found  that  aluminum  recovery  ^^7ith  caustic  soda 
is  never  very  satisfactory.   It  was  also  observed  that  organic  matter 
bound  with  the  aluminum  hydroxide,  especially  organic  color,  was  much  more 
soluble  in  alkali  than  in  acid.   It  was  therefore  decided  to  use  the 
acidic  method  for  aluminum  recovery.   Aluminum  was  recovered  from  fresh 
sludge  and  from  anaerobically  digested  sludge.   Tests  were  then  conducted 
to  determine  the  volume  occupied  by  the  sludge  after  acid  treatment. 
At  a  pH  of  2.5,  corresponding  to  79%  aluminum  recovery,  a  74%  volume 
reduction  of  sludge  was  obtained.   Recovered  alum  was  usually  about 
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75%  as  efficient  as  fresh  alum  in  reducing  color,  altliough  one  test 
resulted  in  an  efficiency  of  89%.   The  researchers  concluded  that  the 
pH  should  be  lowered  to  about  3.0  for  a  recovery  of  about  60%  to  65% 
of  the  aluminum  since  the  organic  color  was  not  dissolved  to  an  ex- 
cessive extent  at  this  pH. 

In  laboratory  experiments  Webster  [26]  found  that  if  sulfuric  acid 
were  added  to  alum  sludge  to  depress  the  pH  value  to  about  2.4,  a 
clustering  effect  of  the  floe  particles  took  place  with  extremely  rapid 
settling  of  the  insoluble  matter.   The  supernatant  liquor  contained  the 
alum,  representing  about  80%  recovery.   Table  2-5  shows  aluminum  recovery 
versus  pH.   A  pilot  plant  for  alum  recovery  was  then  constructed.   Good 
coagulation  was  not  obtained  with  recycled  alum  that  had  been  recovered 
at  a  pH  of  belov7  3.0.   Webster  concluded  that  the  alum  reduced  the  pH 
of  the  raw  water  below  the  range  for  acceptable  color  removal.   Therefore, 
the  pH  of  the  sludge  was  reduced  to  3.5  for  a]um  recovery  and  reuse. 
No  detrimental  effects  resulted  from  continued  recycling  of  the  alum 
recovered  at  a  pH  of  3.5. 
4-  Fujita  [27]  noted  that  the  new  water  treatment  plant  at  Asaka,  Japan, 

used  an  alum  recovery  system.   Part  of  the  sludge  handling  included 
acid  treatment  followed  by  thickening  with  alum  recovery.   The  remaining 
sludge  vjas  sent  to  vacuum  filtration.   No  operating  data  were  presented. 

Streicher  [28]  conducted  pilot  tests  to  determine  the  usefulness 
of  acid  recovery  of  aluminum  followed  by  filter  pressing  the  remaining 
organic  sludge.   The  pH  was  reduced  to  1.5  to  2.5  by  sulfuric  acid. 
He  found  that  when  the  ratio  of  Al(OH)  (s)  to  other  suspended  matter 
in  the  sludge  was  high,  considerably  less  than  stoichiometric  amounts  of 
sulfuric  acid  were  required.   If  the  ratio  v/ere  lov7,  more  than 
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TABLE  2-5 
Aluminum  Recovery  as  a  Function  of  pH  -  VJebster's  Data 


Sample 

Sludge 
Volume ,  ml 

ml  25% 
H2SO4 

pH 

%  Alum 
Recovery 

I 

1000 

3.5 

3.77 

53.7 

II 

1000 

4.0 

3.63 

■»v 

64.7 

III 

1000 

4.5 

3.50 

70.7 

IV 

1000 

5.0 

3.21 

78.6 

V 

1000 

5.5 

2.98 

78.2 

VI 

1000 

6.0 

2.64 

81.3 

Source: 

Webster,  J.  A. ,  J. 

Inst. 

.  Wat.  Eng. 

20: 

;2,  167 

(1966), 
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stoichiometric  amounts  of  acid  were  needed.   Acid  treatment  resulted 
in  reduction  of  sludge  volume  to  less  than  10%  of  the  original  volume, 
and  a  concentration  of  the  sludge  to  20%  solids.   The  alum  recovery 
was  80%  to  93%.   With  the  use  of  a  filter  press  the  remaining  organic 
sludge  was  concentrated  to  40%  to  50%  solids. 

Fulton  [29,30]  described  an  alum  recovery  system  scheduled  to  be 
put  into  operation  in  1974  at  Jersey  City,  New  Jersey.   The  process 
consisted  of  thickening,  acid  addition  and  filter  pressing  of  the 
resulting  sludge.   The  acid  recovery  could  be  bypassed  and  only  the 
filter  press  used  if  necessary.   For  a  100  MGD  plant,  the  savings  were 
estimated  at  $4.60  per  million  gallons  when  alum  recovery  was  used. 
An  alum  recovery  of  90%  was  estimated. 

Westerhoff  [31]  in  1973  conducted  a  15-week  pilot  plant  study  to 
determine  the  effect  of  recycling  alum  recovered  from  waste  alum  sludge 
by  an  acidic  process.   The  pH  of  the  sludge  vjas  reduced  to  2.0  for 
conversion  of  aluminum  hydroxide  to  aluminum  sulfate.   The  main  purpose 
of  the  study  was  to  evaluate  potential  contaminant  build-up  in  the 
recycled  alum.   Measurements  were  made  on  total  microscopic  count, 
coliform,  hardness,  alkalinity,  cyanide,  fluoride,  phenol,  dissolved 
solids,  nitrates,  sulfates,  chlorides  and  several  metals  such  as  copper, 
lead  and  zinc.   Throughout  the  study  final  vjater  analysis  for  the  pilot 
plant  using  recycled  alum  and  for  the  full  scale  plant  using  fresh  alum 
were  essentially  the  same,  indicating  that  impurities  were  not  built-up 
by  recycling  alum. . 

Westerhoff  and  Daly  [8,22,32]  conducted  a  complete  study  of  various 
alum  sludge  dewatering  facilities.   They  included  pressure  filtration 
with  and  without  alum  recovery,  centrif ugation ,  rotary  vacuum  filtration. 
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horizontal  vacnun  filtration  with  and  without  alum  recovery,  coagulation, 
filter  press  and  f reeze-Lhaw.   The  studies  showed  alur.i  recovery  followed 
by  horizontal  vacuum  filtration  to  be  a  x^jorkable  process  warranting 
economic  evaluation.   The  recovery  of  alum  varied  from  50%  to  90%. 
Coagulation-basin  sludge  was  thickened  from  an  initial  4%  to  6%  solids 
to  a  final  21%  solids  by  acid  treatment.   After  filtration  the  solids 
content  was  37%.   However,  because  of  the  low  alum  dosage  used  for  raw 
water  water  turbidity  removal,  the  most  economical  method  of  alum 
sludge  treatment  was  determined  to  be  pressure  filtration  without  alum 
recovery.  ''  . 

2-5   Recovery  of  Alum  in  VJastewater  Treatment  Plants 

IsTien  treating  domestic  wastewater  with  alum,  one  of  the  major 
objectives  is  the  reduction  of  phosphates.   When  the  resulting  sludge 
is  treated  with  either  acid  or  base  to  dissolve  the  a].uminum,  the 
phosphate  is  also  returned  to  solution.   Therefore,  before  the  aluminum 
can  be  recycled  the  phosphate  must  be  removed  from  the  alum  solution. 
When  the  acidic  method  of  aluminum  dissolution  has  been  used,  the 
phosphate  has  been  removed  by  ion-exchange  or  absorption.   W.en  the 
aluminum  was  dissolved  by  the  addition  of  alkali,  the  phosphate  was 
removed  by  precipitation  with  calcium. 

The  first  reported  attempt  to  recover  alum  from  wastewater  sludges 
was  made  by  Lea  [7]  in  1954.   Lea  used  the  alkaline  recovery  method 
resulting  in  the  formation  of  sodium  aluminate  as  governed  by  the 
following  reactions, 
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3- 

A1(0H)^-[P0  ]   (s)  +  AHaOH  =  Na.AlO   +  Na  PO   +  2H  0  +  30H  (2-15) 

3    4  2     3   4     2 

NaAJ.O  +  2Na  PO  +  3CaCl   =  NaAlO  +  Ca  (PO  )  (s)  +  6NaCl         (2-16) 

Raising  the  pH  to  11.9  brought  93%  of  the  aluminum  into  solution.   After 
calcium  chloride  addition  for  precipitation  of  tricalcium  phosphate 
only  12%  of  the  phosphates  remained  in  solution.   The  reaction  for  reuse 
of  sodium  aluminate  was 

NaAlO^  +  H2'^°3  "*"  ^2°  "  Al(OH)  (s)  +  NaHCO  (2-17) 

The  V7astewater  being  treated  in  this  study  contained  sufficient  carbon 
dioxide  to  hydrolyze  the  sodium  aluminate  without  further  acid  addition. 
Advantage  could  be  taken  of  the  fact  that  make-up  alum  applied  directly 
to  the  raw  water  will  supply  additional  acidity,  as  shown  by  the 
following  equation: 

'^^2*-^°4^3'^^"2°  "  2Al(0H)^(s)  +  3H2SO^  (2-18) 

Unfiltered  effluent  had  77%  to  89%  phosphate  removal  and  filtered  samples 
had  93%  to  97%  phosphate  removal  using  recj'cled  sodium  aluminate  as 
the  coagulant.   It  was  estimated  that  chemical  costs  could  be  reduced 
by  50%  to  90%  depending  upon  V7hether  the  precipitated  calcium  phosphate 
sludge  was  marketable  as  a  f ertili/:;er . 

In  1966  Slechta  and  Gulp  [6]  attempted  several  ir.ethods  of  aluminum 
recovery  followed  by  phosphate  removal  from  the  recovered  alum  solution. 
Recovery  was  first  done  with  sodium  hj'droxide  and  calcium  chloride,  as 
in  Lea's  work.   While  Lea  recovered  93%  of  the  alum  at  pH  of  11.9, 
Slechta  and  Gulp  achieved  only  85%  recovery  after  filtration.   Slechta 
found  that  after  addition  of  calcium  chloride  to  the  recovered  alum 
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solution,  the  final  aluminum  concentrations  were  substantial!'/  reduced 
when  the  pH  was  between  JO  and  11.5.   It  was  also  found  that  occasionally, 
after  addition  of  calcium  chloride,  the  entire  solution  would  turn  iiito 
a  white,  gelatinous  mixture,  which  did  not  dewater  easily  by  sedimentation 
or  filtration.   This  occured  in  the  pH  range  10  to  12,  and  it  appeared 
that  a  calcium  aluminate  was  precipitating.   This  process  v;as  not  found 
to  be  economical.   Alum  recovery  was  next  attempted  using  lime  in  place 
of  sodium  hydroxide.   The  maximum  recovery  occured   at  a  pH  of  10.1. 
Aluminum  recovery  by  sedimentation  was  19.1%,  and  by  filtration,  35.2%. 
This  method  was  also  found  to  be  uneconomical.   Contrarj'  to..findings 
by  Lea,  Slechta  and  Gulp  did  not  find  sodixmi  aluminate  to  be  a  good 
coagulant.   The  equivalent  alum  dose  had  to  be  increased  to  400  mg/£. 
using  50%  alum  and  50%  sodium  aluminate  to  obtain  the  same  residual 
turbidity  as  obtained  with  100%  alum  at  a  dose  of  200  rpg/l  ,      \«Jhen  30% 
alum  and  70%  sodium  aluminate  were  used,  good  turbidity  removal  could 
not  be  obtained  up  to  an  equivalent  alum  dose  of  700  mg/^ .   The  alkaline 
method  of  alum  recovery  was  abandoned  and  an  acid  method  was  attempted. 
Essentially  100%  alum  recovery  was  possible  at  a  pH  of  2,  and  from  95% 
to  100%  recovery  was  possible  at  pH  2.5.   Two  methods  were  studied  to 
remove  phosphates  from  the  reclaimed  alum:  ion  exchange  and  activated 
alumina.   With  the  anionic  ion  exchange  resin  it  was  found  that  53.5 
tons  of  regeneration  salt  were  needed  per  ton  of  reclaimed  alum, 

rendering  this  scheme  uneconomical.   Activated  alumina  with  a  surface 

2 
area  of  300  ra  /g  was  used  to  rempve  phosphate  from  a  feed  solution 

containing  250  mg/£  aluminum  and  440  mg/-^  phosphate.   After  the  effluent 

phosphate  concentration  reached  100  mg/£  the  alumina  was  regenerated. 

Several  methods  of  regeneration  vjere  attempted,  including  heating  and 
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acid  washing.   It  was  not  possible  to  reactivate  the  alumina  to  an 
extent  that  acceptable  phosphate  removal  was  achieved.   It  was  concluded 
that  at  present  there  are  no  suitable  methods  for  alum  recovery  from 
wastewater  treatment  plant  sludges  when  phosphate  removal  was  one  of  the 
treatment  plant  objectives. 

Farrell   et  al.  [15]  in  1968  used  a  slightly  different  approach  to 
the  alkaline  nethod  of  aluminum  recovery.   The  first  test  used  calcium 
liydroxide  as  in  the  work  by  Slechta.   Maximum  aluminum  recovery  was  45% 
at  a  pH  of  10.5.   A  mixture  of  sodium  hydroxide  and  calcium  hydroxide 
was  next  used  for  alum  recovery.   The  overall  chemical  reaction  was 
reported  to  be, 

3A1(0H),-A]P0, (s)  +  6NaOH  +  5Ca(0H),  =  6Na[Al(0H),]  +  Ca, (PO, ) ^OH(s) 
3      4  1  4       5    4  3 

(2-19) 
Maximum  recovery  occured  at  a  calcium  hydroxide/aluminum  molar  ratio  of 
1.0  and  a  sodium  hydroxide/aluminum  molar  ratio  of  2.5.   At  these  ratios 
recovery  was  82%  at  a  pH  of  approximately  11.0.   Farrell  found  that  the 
recovery  was  limited  by  a  calcium/aluminum  precipitate  similar  to  that 
encountered  by  Slechta  and  Gulp.   From  ion  product  calculations  it  was 
suggested  that  this  compound  was  of  the  form  Ca  "Al'OH.   The  authors 
proposed  that  the  reason  Slechta  and  Gulp  achieved  poor  coagulation  with 
alum-sodium  aluminate  mixtures  v/as  because  solutions  high  in  aluminate 
produced  pH  values  above  the  optimum.   Tliey  noted  that  for  soft   waste- 
waters there  is  a  narrow  pH  range  for  effective  phosphate  removal.   No 
attempt  was  made  t6  use  sodium  aluminate  as  a  coagulant  in  the  work  by 
Farrell. 
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2-7   Rationale  for  Current  Research 

From  reviewing  the  literature  it  was  concluded: 

1.  The  alkaline  methods  did  not  give  high  aluminum  recovery 
values.   Sodium  aluminate  required  additional  acid  addition 
for  the  coagulation  of  some  secondary  effluents.   The  acid 
method  of  recovery  therefore  appeared  most  desirable. 

2.  Conventional  methods  of  aluminum  phosphate  separation  vjere 
not  economically  feasible. 

3.  For  ease  of  storage,  minimization  of  pumping  costs  and  plant 
size  the  alum  should  be  concentrated  before  being  recycled. 

4.  The  remaining  solids  need  to  be  concentrated  to  about  20%  for 
disposal.   Some  disposal  areas  may  require  A0%. 


CHAPTER  3 
LIQUID  -  LIQUID  EXTRACTION 

3-1  General  Description 

Liquid  extraction,  sometimes  called  solvent  extraction,  is  the 
separation  of  the  constituents  of  a  liquid  solution  by  contact  with 
another  insoluble  liquid.   If  the  substance  distributes  itself  differently 
between  the  two  liquids  then  separation  can  take  place,  and  this  can 
be  enhanced  by  the  use  of  multiple  contacts.   For  example,  if  a  solution 
of  water  containing  an  organic  acid  such  as  acetic  acid   is  contacted 
by  agitation  with  ethyl  acetate,  some  of  the  acid,  but  very  little  of 
the  water,  will  enter  the  ester  phase.   The  ester  and  water  have 
different  densities  so  that  upon  settling  they  may  be  decanted  from  each 
other.   By  this  method  separation  of  the  acid  has  been  achieved.   The 
remaining.,  water  may  be  repeatedly  contacted  with  more  ester  to  reduce 
the  acid  content  further.  '" 

In  all  such  operations  the  solution  which  contains  the  solute  to 
be  extracted  is  called  the  feed,  and  the  liquid  with  which  the  feed  is 
contacted  is  called  the  solvent.   The  solute  rich  solvent  product  is 
called  the  extract,  and  the  residual  liquid  from  which  the  solute  has 
been  removed  is  called  the  raffinate.   It  is  often  desired  to  extract 
one  substance  from  the  feed  solution  \i/hile  leaving  others  behind,  hence 
the  term  selective  extraction.   Some  processes  may  use  two  solvents  to 
separate  the  components  of  one  feed  solution.   For  example,  a  mixture 
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of  p  and  o  -  nitrobenzoate  may  be  separated  by  distributing  them  between 
the  insoluble  liquids  chloroform  and  water.   The  chloroform  pre- 
ferentially dissolves  the  para-isomer  and  the  water  tlie  ortho-isomer . 
This  is  called  double  solvent  or  fractional  extraction. 

After  extraction  the  solute  must  generally  be  removed  from  the 
solvent.   This  is  often  done  by  distillation  or  by  a  second  extraction 
operation.   The  removal  of  solute  from  the  extract  by  a  second  extraction 
is  called  stripping.   From  an  economic  standpoint  the  solvent  must  be 
recycled  with  a  minimum  of  loss. 

3-2   Classification  of  Extraction  Processes  "*-- 

Two  broad  categories  of  extraction  systems  can  be  distinguished 
depending  on  the  origins  of  the  differential  solubility.   In  the  first, 
the  differential  arises  from  purely  physical  differences  such  as  polarity, 
Many  separations  in  the  organic  field  belong  to  this  category.   As  would 
be  expected  of  a  process  depending  only  on  the  physical  effects  of 
differences  in  molecular  structure,  such  separations  are  rarely  very 
specific  and  the  separation  factors  obtained  are  usually  only  modest. 
In  the  second  category,  the  differential  solubility  is  due  to  one  of 
the  solutes  interacting  chemically  with  the  solvent  to  form  a  complex. 
This  is  exploited  for  many  metallurgical  separations. 

The  distinction  between  the  two  categories  is  significant  in 
influencing  both  the  physical  changes  which  occur  during  extraction  and 
the  method  of  solvent  recovery.   In  systems  where  the  differential 
solubility  arises  purely  from  physical  factors,  the  relative  miscibility 
of  the  two  phases  will  usually  be  a  function  of  the  solute  concentration. 
On  the  other  hand,  when  definite  compound  formation  is  involved,  the 
mutual  solubilities  of  the  two  solvents  often  do  not  vary  significantly 
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and  so  the  flow  rates  of  the  solvents,  calculated  on  a  solute  free 
basis,  do  not  change  in  passing  through  an  extraction.   This  constant 
solubility  simplifies  both  design  calculations  and  the  mathematical 
representation  of  the  overall  process,  which  can  be  important  for 
considerations  of  control. 

When  an  extraction  process  depends  upon  chemical  interaction, 
subsequent  solute-solvent  separation  demands  reversal  of  the  complex 
forming  reaction,  usually  by  chemical  means.   In  the  case  of  systems 
exploiting  only  physical  forces,  solute-solvent  separation  is  achieved 
b}'  physical  means,  usually  distillation.   Thus  the  final  solyte-solvent 
separation  stage  may  introduce  either  a  chemical  or  a  thermal  cost  item 
into  the  overall  economics  of  a  process. 

3-2-1  Organic  separations 

The  organic  chemical  industry  used  the  earliest  large-scale 
applications  of  solvent  extraction  in  the  coal-tar  field  and  for  separation 
of  aromatics  from  aliphatics  in  the  petroleum  industry.   The  use  of 
solvent  extraction  in  the  organic  field  does  not  appear  to  have  expanded 
as  much  as  in  the  inorganic  field.   Hovjever,  if  measured  in  terms  of 
tonnages  processed,  organic  extractions  far  exceed  inorganic. 

While  there  are  important  exceptions,  many  separations  in  the 
organic  field  rely  on  physical  rather  than  chemical  interaction  between 
the  solute  and  solvent.   The  solvent  extraction  processes  which  have 
reached  industrial  application  in  the  organic  field  are  of  a  wide 
variety.   Some  of  the'  application  include:   1)  petroleum  and  petrochemical 
industries,  e.g.  , separation  of  aromatics  and  paraffins  for  the  production 
of  aromatics,  m.ercaptan  removal  from  petroleum  fractions  and  the  production 
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of  acetic  and  acrylic  acid;   2)  the  coal-tar  industry,  e.g.,  the 
extraction  of  phenols  from  coal-tar  distillates  and  the  separation 
of  phenol  homologues;   3)  the  pharmaceutical  industry,  e.g.  ,  penicillin 
production;   4)  soap  production;   5)  pyrethrum  recovery ;  and    6)  lactic 
acid  manufacture. 

3-2-2   Inorganic  separations 

The  development  of  the  nuclear  industry  gave  tremendous  impetus 
to  research  on  complex  formation  between  metal  salts  and  organic  solvents. 
Such  solvents  can  be  divided  into  three  broad  groups  according  to  whether 
their  complex  formation  reaction  is  one  of  cation  exchange  (as  with 
carboxylic  acid),  anion  exchange  (as  with  amines),  or  adduct  formation 
(typified  by  ethers  and  neutral  organophosphorus  compounds). 

In  adduct  formation  neutral  ox^'gen-bearing  organic  solvents  are 
considered  to  extract  electrically  neutral  species  by  virtue  of  solvation. 
The  two  general  types  of  extractants  in  adduct  formation  are  carbon- 
bonded  and  phosphorus-bonded  oxygen  bearing  solvents.   In  organophos- 
phorus ester  systems,  water  is  often  eliminated  from  the  organic  phase 
metal  complex,  whereas  in  ethers  and   ketones  water  is  a  necessary  part 
of  the  complex,  usually  acting  as  a  bond  between  the  solvating  molecules 
and  the  inorganic  salt.   A  commonly  used  process  is  in  uranium  extraction 
by  tributyl  phosphate  (TBP)  represented  by  the  equation  (3-1)  [33] . 

m^(m^)^(aq)    +   2R^P0(org)  =  U02(N0^)  ^  (R3PO)  ^(org)  (3-1) 

The  solvents  dealt  with  here  have  been  used  primarily  for  the  extraction 
of  metal  halides  and  halo-metallic  complexes.  Although  TBP  has  received 
most  of  the  attention  as  a  neutral  solvent,  a  wide  variety  of  other 
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compounds  have  been  used,  including  dialkyl  diethers,  ketones,  alcohols, 
phosphonates ,  phosphinates,  and  phosphine  oxides. 

Solvent  extraction  by  long  chain  aliphatic  amines  has  become  a 
very  popular  specific  field  of  research.   The  consensus  is  that  the 
chemistry  of  extraction  by  amine  salts  is  comparable  to  the  "absorption" 
of  metal  complexes  on  anion-exchange  resins  [34],   The  extractability 
of  metals  by  amines  depends  more  on  the  aqueous  phase  conditions  than 
on  the  specific  affinities  of  anionic  metal  complexes  towards  the  type 
of  the  bulky  alkylammonium  cation.   Species  v.'hich  have  been  extracted 
include  UO  (NO  )   ,  FeCl  ,  HC1„,  and  many  similar  metal-salt  combinations. 
The  extractive  power  of  amines  increases  from  primary  amines  to  secondary 
amines  to  tertiary  amines.   There  are  several  potential  applications  of 
amine  extraction  including  fuel  reprocessing,  hydrometallurgy,  and 
analytical  chen.istry  of  metals  and  in  equilibrium  studies  of  metal 
complexes. 

Reactions  involving  cation  exchange  include  carboxylic  and  phos- 
phoric acid  extractants.   Generally  carboxylic  acids  have  relatively 
high  aqueous  solubility  and  low  extractive  power.   In  spite  of  these 
limitations  they  have  been  useful  in  separations  of  metals  having  similar 
chemical  properties  by  adjustment  of  the  aqueous  phase  pH.   Carboxylic 
acids  extract  a  large  number  of  metals  primarily  from  alkali  solutions. 
Metal  extraction  exhibits  cation-exchange  properties  of  the  type 


MX  +  MX  =  M^X  +  M^X  (3-2) 

where  the  superscript  bar  represents  the  organic  phase.   Metal  extraction 
by  orgopliosphorus  compounds  lias  received  a  great  deal  of  attention. 
A  number  of  mon,o-  and  dialkyl  phosphoric,  phosphonic,  and  phosphinic 


acids  are  available  for  extraction.   Uranium  has  been  the  metal  most 
studied  for  extraction  by  phosphoric  acids,  and  several  full  scale 
operations  are  in  existence.   However,  several  other  metals  have  been 
extracted  including  the  lanthanides,  iron,  chromium,  zirconium,  titanium, 
thorium,  and  plutonium.   The  extraction  of  metals  by  alkyl  phosphoric 
acids  is  of  such  importance  to  this  research  that  the  next  section  is 
devoted  to  a  general  description  of  this  area. 

3-3  Metal  Extraction  by  Alkyl  Phosphoric  Acids 

Acidic  organophosp^orus  extractants  have  proved  to  be  very  useful 
in  the  extraction  of  a  wide  variety  of  metal  species.   The  range  of 
usefulness  of  these  extractants  is  from  purely  laboratory  procedures 
(analysis,  separation  of  radioactive  tracers,  etc.)  to  large-scale 
processes  (recovery  of  uranium  from  liquors,  isolation  of  transplutonides 
and  fission  products  from  highly  radioactive  wastes, etc. ) . 

Typical  molecules  of  acidic  organophosphates  are  shown  in  Figure  3-1. 
The  alkyl  groups  may  or  may  not  be  identical  in  the  case  of  dialkyl 
phosphoric  acids.   One  or  both  of  the  alkyl  groups  may  be  aryl,  aroxj'l, 
alkyl,  or  alkoxyl,  or  a  mixed  alkylaryl,  alkylaroxyl,  arylalkyl  or 
arylalkoxyl.   A  list  of  com^mon  organophosphoric  compounds  is  in  Table  3-1. 
The  functional  group,  =P(0)OH,  is  common  for  all  members  of  this  class 
of  extractants.   Due  to  the  presence  of  both  electron  donor  and  electron 
acceptor  groups  in  the  =P(0)OH  grouping,  it  is  typical  of  all  acidic 
organophosphates  to  undergo  various  specific  interactions  like  self- 
association  and  molecular  complex ' formation  with  diluent  or  other  solutes. 

As  with  most  systems  involving  mass  transfer  and/or  chemical 
reaction  two  important  operating  considerations  are  the  kinetics  and 


Figure  3-1.   Schematic  Diagram  of  Alkyl  Phosphoric  Acids. 

a.  Mono(2-ethylhexyl)  phosphoric  acid 

b.  Di  (2-ethylhex\'l)  phosphoric  acid 
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TABLE  3-1 
Abbreviations  of  Acid  Crganophosphorus  Compounds 


Abbreviations  of  acidic  organophosphorus  compounds  are  based  on  simple 
regularities:   D  denotes  di,  M  denotes  mono,  and  primes  denote  groups 
bound  directly  to  the  phosphorus  without  an  oxygen  atom. 


DAPA 

DBPA 

DBzPA 

DClPhPA 

DEHPA 

DHxPA 

DHxOEPA 

DOPA 

1-IBPA 

J-IEHPA 

MOPA 

MOPhPA 

EHEH'PA 

DB'PA 

TBP 

TBPO 

THxPO 

TOPO 

MiBC 

MiBK 


di-n-amyl  phosphoric  acid 

di-n-butyl  phosphoric  acid 

dibenzyl  phosphoric  acid 

di(p-chlorophenyl)  phosphoric  acid 

di(2-ethylhexyl)  phosphoric  acid 

di-n-hexyl  phosphoric  acid 

di(hexoxyethyl)  phosphoric  acid 

di-n-octyl  phosphoric  acid 

mono-n-butyl  phosphoric  acid 

mono-2-ethylhexyl  phosphoric  acid 

mono-n-octyl  phosphoric  acid 

mono (?-l ,1,3, 3-tetramethylbutyl)  phenyl 

phosphoric  acid 

2-ethylhex}'l   2-ethylhexyl   phosphonic   acid 

di-n-butyl  phosphinic  acid 

tri-n-butyl  phosphate 

tri-n-butyl  phosphine  oxide 

tri-n-hexyl  phosphine  oxide 

tri-n-octyl  phosphine  oxide 

methyl  isobutyl  carbinol 

methyl  isobutyl  ketone 
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the  equilibrium  conditions  of  the  process.   There  are  two  general  types 
of  approaches  to  studying  the  kinetics  and  equilibria   of  extraction. 
The  two  types  night  be  distinguished  as  "chemical"  and  "analog"  or  as 
"theoretical"  and  "engineering."  The  "chemical"  approach  seeks  rate 
controlling  steps  as  functions  of  the  extraction  variables,  and  aims 
toward  an  actual  chemical  model  of  the  extraction.   The  "analog" 
approach  seeks  an  adequate  flow  model  of  the  extraction,  evaluating 
overall  mass  transfer  coefficients  for  a  material  flux  driven  by  concen- 
tration gradients  throuj:ii  resistants  and  evaluating  phase  diagrams  and 
operating  curves  at  equilibrium  in  order  to  design  the  proce'ss.   Both 
approaches  will  be  reviewed  in  the  next  two  sections.   Only  information 
pertinent  to  metal  extraction  by  alkyl  phosphoric  acids  has  been  included. 
The  reader  is  referred  to  Coleman  and  Roddy  [35]  and  Treybal  [36]  for 
more  detailed  discussions. 

3-4   Theoretical  Approach  to  Metal  Extraction 

3-4-1   Equilibria  of  metal  extraction 

When  defining  the  equilibrium  of  mass  transfer  with  chemical  reaction, 
it  is  necessary  to  formulate  the  appropriate  equilibrium  equations,  and 
find  the  associated  equilibrium  constant.   In  the  following  reactions, 
HA  represents  organophosphoric  acid,  (org)  and  (aq)  represent   the  organic 
and  aqueous  phases  respectively,  C  denotes  concentration,  and  M  denotes 
the  metal  to  be  extracted.   Several  equilibria  are  involved 

HA(aq)  =  H   +  A  K  =  acid  dissociation  (3-3) 

a 

nHA(aq)  =  (HA)  (aq)  K   =  aqueous  polymerization       (3-4) 
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nHa(org)  =  (HA)  (org)  K  (org)  =  organic  polymerization  (3-5) 

HA(aq)  =  HA(org)  K   =  acid  distribution  (3-6) 

M   +  (HA)  (org)  =  M(AH   ,A   ,)  (org)  +  mH   K  =  organic  reaction  (3-7) 
n  n-i  n-1  m  r 

M™  +  (HA)^^(aq)  +  M(AHj^_  A  _^)  (aq)  +  raH   K  (aq)  =  aqueous  reaction  (3-8) 


Reactions  (3-7)  and  (3-8)  can  be  combined  into  a  distribution  or 
extraction  coefficient 


C  (org) 
a   Cj^(aq) 


Kolarik  [35]  reviewed  the  studies  which  have  been  conducted  to  define 

these  equilibrium  constants. 

In  practice  the  equations  are  rearranged  and  the  K's  combined  to 

gr've  an  extraction  constant,  K 

ex 

[H  J   •  E   •  n 

K   =  ~ (3-10) 

^"^        ((HA).  -  mnC^j(org))'^ 

Where  [H  ]  and  C  (org)  are  equilibrium  concentrations,  and  (HA)   is 
the  initial  formal  concentration  of  alkyl  phosphoric  acid,  n  is  the 
degree  of  polymerization  of  the  organophosphoric  acid,  and  m  is  the 
charge  of  the  metal.   Similar  expressions  can  be  developed  for  monoalkyl 
phosphoric  acids.   Extractions  at  low  organic  loading  generally  have  a 
polymerization  value  of  2  (n=2) .   This  indicates  that  the  organophosphoric 
acid  exists  as  a  dimer,  with  one  of  the  hydrogen  ions  available  to  react 
with  the  metal.   At  higher  metal  to  ester  ratios  the  monomer  to  dimer 
equilibrium  is  shifted  to  the  left,  and  n  has  a  value  of  1.   Baes  et  al.  [37] 
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fcund  that  when  the  ratio  of  uranium  to  di (2-ethylhexyl)  phosphoric  acid 
exceed  0.25  the   alkyl  phosphate  reacted  as  a  monomer  rather  than  a  dimer. 
Baes  and  Baker  [38]  found  that  at  a  0.167  ratio  of  iron  (III)  to 
di (2-ethylhexyl)  phosphoric  acid  the  reaction  changed  from  dimer  to 
monomer.   They  were  able  to  exceed  monomer  loading  (Fe/HA  =  0.33)  and 
extracted  iron  up  to  a  ratio  of  0.6,  indicating  that  iron  hydroxide 
may  have  been  extracted.   As  a  rule,  when  the  organic  alkyl  phosphate 
acts  as  a  m.oncmer  rather  than  a  dimer,  the  extractibility  of  the  metal 
is  markedly  lower  [34]. 

3-4-2  Kinetics  of  metal  extraction  \^.^  _^ 

The  kinetic  theory  of  simultaneous  diffusion  and  chemical  reaction 
in  the  liquid  phase  was  first  developed  by  Hatta,  Davis  and  Crandall, 
and  others  (reported  in  [39]),  based  on  the  assumption  that  the  resistance 
to  diffusion  was  concentrated  within  a  film  adjacent  to  the  liquid-liquid 
interface.   The  film  was  assumed  to  have  negligible  capacity  for  holding 
the  dissolved  solute  compared  with  the  main  body  of  the  liquid,  which 
was  so  thoroughly  mixed  that  no  concentration  gradient  existed  within  it. 
The  assumption  of  tv70  such  films,  one  in  each  liquid, was  developed  by 
Whitman.   There  are  two  bases  for  theoretical  discussion  of  the  kinetics, 
one  depending  upon  the  assumption  of  physical  films  of  negligible 
capacity  but  finite  resistance,  and  the  other  depending  upon  the  assumption 
of  unsteady  state  molecular  diffusion  of  the  solute  into  the  whole  mass 
of  liquid.   Since  a  physical  picture  completely  consistent  with  the  facts 
is  not  available,  neither  theory  can  be  completely  accepted  or  refuted  [39]. 
Much  work  has  been  done  in  developing  the  mathematics  of  simultaneous 
mass  transfer  and  chemical  reaction  based  on  both  theories.   Studies  have 
considered  slow  first  order  reversible  and  irreversible  reactions. 


46 


slow  nth  order  irreversible  reactions,  and  infinitely  rapid  reversible 
reactions  [40] .   Experiments  have  been  conducted  to  test  the  validity 
of  some  of  these  models  [41,42]. 

Roddy  et  al.  [43]  studied  the  rate  of  iron  extraction  from  a  chemical 
point  of  view.   They  defined  several  possible  reactions  that  could  take 
place.   By  correlating  extraction  data  to  the  predicted  equations,  they 
were  able  to  determine  which  reactions  appeared  to  be  rate  controlling. 
They  concluded  that  the  rate  of  extraction  of  iron  (III)  by  di(2-ethylhexyl) 
phosphoric  acid  was  controlled  by  series  and  parallel  steps  at  the 
liquid-liquid  interface  during  the  introduction  of  the  first  and  second 
anion  ligands  in  the  formation  of  FeA  -SHA.   The  quantitative  contri- 
bution of  each  step  to  the  net  rate  was  given  by  a  linear  log-log  equation. 
A  zero-order  step  with  respect  to  iron  was  important  with  the  quiescent 
interface,  but  not  with  dispersion  mixing.   This  implied  that  a  build-up 
of  iron  and  mono-A   complex  at  the  quiescent  interface  limited  iron 
extraction,  but  this  was  not  a  limiting  factor  during  dispersed  mixing. 
Kletenik  and  Navrotskaya  [44]  ,  cited  by  Coleman  and  Roddy   [35] , 
established  that  the  rate  was  controlled  by  a  chemical  reaction  at  the 
interface.   They  specifically  examined  and  ruled  out  the  possibility 
of  an  iron-HA  reaction  in  the  bulk  aqueous  phase.   These  were  the  first 
papers  to  propose  an  interface  reaction,  although  the  exact  mechanism 
was  not  understood. 

3-4-3  Mechanism  of  metal  extraction 

The  studies  which  imply  that  'the  reaction  takes  place  at  the  interface 
have  generally  been  ignored  in  the  literature.   The  predominating  theory 
of  mass  transfer  with  simultaneous  chemical  reaction  is  based  on  the 
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two-filra  theory  and  has  been  described  by  several  auLliors  [34,39,45]. 
One  of  the  basic  assumptions  of  the  cwc-film  tlicory  for  the  uiechanisra 
of  mass  transfer  is  that  the  interface  concentration  of  solute  is  at 
equilibrium,  i.e.,  there  is  no  build-up  of  solute  at  the  interface. 

A  second  assumption  is  that  the  rate  of  mass  transfer  within  each 
phase  is  proportional  to  the  difference  in  solute  concentration  in  the 
main  body  of  the  fluid  and  at  the  phase  boundry  or  interface.   The 
transfer  reaction  is  represented  by  equation  (3-11). 

M(aq)  +  X(org)  =  MX(orf)  (3-11) 

Figure  3-2  shows  the  mechanism  of  metal  extraction.   M  is  transferred 
by  molecular  or  eddy  diffusion  to  the  water  phase  film.   By  molecular 
diffusion  M  moves  through  the  film  to  the  interface.   X  follows  a 
similar  diffusion  mechanism  to  reach  the  interface.   The  location  at 
which  M  and  X  meet  may  be  either  in  the  organic  phase  or  the  water  phase, 
depending  upon  which  substance  is  diffusing  slower.   Figure  3-2  is  drawn 
such  that  the  diffusion  of  X  is  rate  controlling  and  the  reaction  zone 
is  therefore  in  the  organic  phase.   Following  chemical  reaction  (slow 
or  instantaneous)  MX  must  diffuse  back  to  the  organic  bulk.   The  process 
can  be  M  or  X  diffusion  controlled  or  controlled  by  a  chemical  reaction. 
However,  there  is  no  build-up  of  M  at  the  interface.   MX  moves  away  at 
a  rate  equal  to  or  greater  than  the  approach  of  M.   Nev;  X  must  now 
diffuse  to  the  reaction  zone  to  meet  approach  M. 

A  second  approach  to  describing  the  mechanism  of  mass  transfer  with 
chemical  reaction  is  the  surface-renewal  theory  which  follows  the  same 
assumptions  as  the  tv;o-film  theory,  except  that  M  is  brought  all  the 
way  to  the  interface  by  eddy  diffusion.   The  solute  is  assumed  to 


Figure    3-2.      Diagram  of  Metal  Extraction   as   Proposed  by   the 
Tx./o-Film  Theory. 
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instantaneously  reach  equilibrium  and  steady  state.   The  film  theory 
and  the  surface-renewal  theory  cannot  be  distinguished  by  either  the 
form  of  the  rate  equations  or  the  indicated  effect  of  molecular 
diffusivity  [42],   The  above  mechanism  is  widely  accepted,  although 
it  has  received  some  criticism.   l\Then  the  theoretical  equations  are 
applied  to  data  designed  to  test  the  validity  of  this  mechanism, 
invariably  modifications  must  be  made  to  the  theory.   The  modifications 
necessary  for  one  set  of  data  seldom  agree  with  modifications  made  for 
a  second  set  of  data.   There  seems  to  have  been  rationalization  to 
defend  the  model  against  the  facts. 

During  the  fifties  (as  outlined  by  Sherwood  and  Wei  [46])  and 
early  sixties  there  was  much  evidence  presented  to  contradict  these 
theories.   And  as  noted  in  the  last  section,  there  was  recent  evidence 
that  the  rate  of  metal  extraction  was  controlled  by  a  chemical  reaction 
rather  than  diffusion.   Sherwood  and  Wei  [46]  stated  that  conclusions 
seem  to  limit  greatly  the  applicability  of  most  of  the  existing  theory 
in  cases  of  mass  transfer  between  two  liquids  involving  chemical 
reaction.   Modern  text  books  still  present  the  film  theory  as  governing 
the  mass  transfer  of  liquid-liquid  extraction  involving  chemical  reaction. 
Until  a  new  theory  is  shov.m  to  better  explain  the  data,  this  model  will 
undoubtedly  prevail. 

3-5  Engineering  Approach  to  Metal  Extraction 

3-5-1  Equilibria  of  metal  extraction 

In  the  case  of  two  immiscible  liquids,  the  equilibrium  concen- 
trations of  a  third  component  in  each  of  the  two  phases  are  often  related 
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by  the  extraction  or  distribution  coefficient. 

E°  =  I  (3-12) 

Where  0  =  solute  concentration  in  the  organic  phase  and  A  =  the  solute 
concentration  in  the  aqueous  phase.   Equilibrium  data  are  usually 
reported  in  terms  of  the  extraction  coefficients.   In  the  case  of  metal 
extraction  by  chemical  reaction,  the  coefficient  is  a  function  of  several 
variables,  e.g.,  pH ,  concentration  of  solute,  and  concentration  of  alkyl 
phosphoric  acid.   The  coefficient  should  not  be  considered  a  constant. 
The  distribution  coefficient  does  not  apply  when  the  two  phages  are 
miscible.   In  many  cases  of  practical  importance  the  two  phases  are 
partially  miscible,  and  it  is  important  to  have  solubility  data  as  well 
as  information  connecting  the  concentrations  of  an  important  component 
in  the  tv;o  phases  at  equilibrium.   The  data  are  best  expressed  graphically. 
Several  graphical  forms  may  be  employed,  but  the  most  usual  is  the 
ternary  diagram. 

In  this  research  the  choice  of  solvent  was  such  that  the  two  phases 
can  be  considered  completely  immiscible,  and  the  calculations  are 
therefore  greatly  simplified.   Figure  3-3a  shows  an  equilibrium  curve 
for  two  immiscible  phases  under  batch  extraction  conditions.   The  curve 
OP  is  the  equilibrium  cur\'e  which  is  found  experimentally.   Assume  an 
origina]  solution  of  composition  x   contained  in  L  liters  of  solvent  A, 
is  reacted  with  G  liters  of  pure  solvent  B  in  a  single  equilibrium  contact. 
The  resulting  mixture  separates  into  two  layers  of  equilibrium  composition 
x   and  y  .   By  a  mass  balance 

L  X   =  L  X,  +  G  y,  (3-13) 

oil 


Figure  3-3.   Graphical  Construction  for  Solvent  Extraction 
Design  with  Immiscible  Liquids. 

a.  Crosscurrent  multiple  contact  extraction 

b.  Countercurrent  multiple  contact  extraction 
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The  composition  of  the  original  solution  is  represented  by  point  R;  the 
composition  x  and  y   is  obtained  from  the  equilibrium  curve  OP  by  the 
intersection  of  S  of  a  line  drawn  through  R  with  a  slope  -  L/G.   Further 
extraction  of  the  raffinate  T  v;ith  pure  solvent  in  a  second  equilibrium 
contact  will  give  raffinate  and  extract  compositions  x   and  y  ,  found 
by  the  same  method.  ^. 

Figure  3-3b  shows  the  equilibrium  curve  conditions  for  counter- 
current  extraction.   By  drawing  a  material  balance  around  the  first  n 
stages,  it  follows  that 

^n-fl  =  I  (\  -  ^o^  "-   ^1  (3-15) 

The  line  representing  this  relation  on  a  plot  of  y  vs  x  is  the  operating 

line  and  is  based  solely  on  the  stoichiometry  of  the  process.   Figure  3-3b 

represents  the  construction  for  a  three  stage  countercurrent  extraction 

effecting  the  reduction  of  the  raffinate  concentration  x   to  x_.   The 

o      J 

line  EF  represerting  equation  (3-15)  is  the  operating  line,  dra^im  with 

a  slope  L/G.   Point  E  has  the  coordinates  y   ,  ,  x  ,  where  y   ,  is  the 

n+1   n         n+1 

solute  concentration  in  the  fresh  solvent  (usually  zero)  and  x   is  the 
final  raffinate  concentration. 

If  it  can  be  assumed  that  the  two  phases  leaving  each  stage  of 
the  contacting  equipment  are  essentially  in  equilibrium,  then  the  number 
of  equilibrium  stages  will  be  equal  to  the  number  of  actual  stages. 
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If  equilibriuin  cannot  be  assumed,  because  of  inadequate  contact  cf  the 
phases,  then  a  "stage  efficiency"  may  be  introduced.   This  can  be  defined 
as  the  ratio  of  the  calculated  number  of  stages  to  the  actual  stages 
required . 

3-5-2   Kinetics  of  metal  extraction 

Generally,  the  rate  of  solvent  extraction  is  reported  only  in 
overall  terms,  such  as  stage  efficiencies.   ft  is  possible  to  derive 
an  overall  rate  constant  based  on  the  two-film  theory  assumptions 
presented  in  section  3-4-2.   The  equation  is 

J,  =  K  A(C  -   C   *)    =  K     A(C  "  -  C  )  (3-16) 

A    o     o     o  ^     w    w     w  ^ 

Where  J,  is  the  rate  of  transfer  as  moles  per  unit  time,  A  is  the  area 
A 

through  which  the  solute  transfers,  K   and  K  are  the  organic  and  vjater 
^  o      w  ^ 

transfer  coefficients,  respectively,  C   is  the  bulk  solute  concentration 

in  the  organic  phase  and  C   is  the  bulk  solute  concentration  in  the 

w 

water  phase,  C  "  is  the  solute  concentration  of  a  solution  in  equilibrium 
o 

with  C  ,  and  C  *  is  the  solute  concentration  of  a  solution  in  equilibrium 
w       w 

vjith  C  .   The  term  J, /A  is  found  experimentally,  allowing  the  calculation 
o  A 

of  K  and  K  .   Although  this  equation  is  a  purely  imaginary  picture  of 
o      w 

the  process,  it  is  possible  to  calculate  useful  transfer  rates.   Since 
diffusion  and  first  order  chemical  reactions  have  similar  kinetics  [4]], 
a  slow  first  order  chemical  step  will  be   equivalent  to  diffusion  through 
a  fictitious  film.   In  first  order  chemical  systems  therefore,  the  above 
transfer  coefficient  may  be  used  to  express  data  provided  that  the 
limitations  of  the  constant  are  remembered.   In  general,  however,  the 
overall  mass  transfer  constant  sliould  be  used  only  where  transport  to 
and  from  the  interface  is  the  controlling  factor,  and  not  a  chemical  reaction. 
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For  the  purposes  of  calculating  rate  constants,  the  chemical 
reaction  is  often  assumed  to  be  first  order.   Ryon  et  al .  [47]  derived 
the  following  expression  for  batch  systems 

K  =  -ln(l-E)  ^  •  ^  (3-17) 

where, 

K  =  the  effective  rate  constant, 
R/V  =  the  ratio  of  water  to  total  volume, 

t  =  time, 
and  ,  ^ 

E  =  the  stage  efficiency  defined  as 


C  -  C 

_o 

:  -  c 

o     eq 


E  =  ^-TY-  (3-18) 


where, 

C   =  initial  aqueous  solute  concentration, 
o  ^ 

C   =  the  equilibrium  aqueous  solute  concentration, 
eq 

and, 

C   =  the  aqueous  solute  concentration  at  time  t. 

In  Ryon ' s  work  the  rate  constant  was  directly  proportional  to  the  slope 
of  the  curve  obtained  by  plotting  In(l-E)  vs  t.   Batch  rate  constants, 
although  usually  greater  than  those  for  continous  flow,  are  useful  for 
determining  the  relative  effects  of  variables  and  to  determine  scale-up 
factors.   As  Wells  et  al.  [48]  pointed  out,  this  approach  does  not  apply 
when  the  reaction  is  pH  dependent,  as  the  reaction  is  not  first  order 
dependent. 
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3-6   Pertinent  Solvent  Extracuion  Literature 

Very  little  work  has  been  published  on  the  extraction  of  aluminum. 
The  majority  of  the  research  has  been  done  on  expensive,  high  atomic 
v;eight,  radioactive  materials  such  as  uranium.   In  this  review  a  few 
examples  of  metal  extraction  research  are  presented  along  with  a 
discussion  of  the  full  scale  uranium  extraction  processes.   Finally, 
the  available  literature  on  aluminum  extraction  is  discussed. 

Alkyl  phosphoric  acids  were  found  to  be  effective  uranium  extractors 
in  work  done  at  Oak  Ridge  in  1949.   Subsequent  investigations  of  the  use 
of  alkyl  phosphoric  acids  as  liquid-liquid  extraction  reagents,  primarily 
for  uranium,  have  been  reviewed  by  Blake  et  al .  [A9,50].   The  early  work 
on  extraction  by  alkyl  phosphates  dealt  mainly  vjith  di (2-ethylhexyl) 
phosphoric  acid  extraction  of  uranium  (VI)  from  acidic  sulfate  solutions. 
Dialkyl  phosphoric  acids  were  thought  to  have  extracted  uranium  by  the 
ion-exchange  reaction 

UO^^Caq)  +  2HX(org)  =  UO^X^Corg)  +  2H^(aq)  (3-19) 

The  data  by  Stewart  and  Hicks  [51]  and  Blake  [49,50]  generally  supported 
this  reaction.   However,  these  authors  also  reported  data  which  were  not 
in  agreement  with  this  reaction.   In  1958,  Baes  et  al.  [37]  pioneered 
the  work  considering  dimerization  of  the  organic  acid.   Baes  found  that 
up  to  a  certain  uranium rphosphoric  acid  ratio  the  uranium  was  extracted  by 
a  dimer  of  alkyl  phosporic  acid  as  represented  by  equation  (3-20) . 
After  reaching  this. ratio,  the  reaction  followed  that  of  equation  (3-19). 

UO  ^(aq)  +  2(HX)  (org)  =  UO  X  H  (org)  +  2H"^(aq)  (3-20) 

z  2  4  2 
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Between  the  (H  )  range  of  C.A  M  to  2 M  and  phosphoric  acid  concentration 
range  of  0.05  M  to  1  M  an  equilibrium  K  of  (4.0  ±  0.4)  \-7as  found  for 
reaction  (3-20) . 

The  Dapex  process  for  uranium  extraction  v;as  put  into  operation 
in  Colorado  in  1956  [33].   Using  0.1  M  di(2-ethylhexyl)  phosphoric  acid 
it  was  possible  to  extract  4.5  to  7  grams  of  UO   per  liter  of  kerosene. 
The  salts  of  the  dialkyl  phosphoric  acid  tended  to  precipitate  or  form 
a  third  phase.   However,  this  was  prevented  by  the  addition  of  a  neutral 
compound  such  as  tributyl  phosphate.   It  was  also  found  that  the  neutral 
additives  had  a  very  positive  synergistic  effect  on  extraction.   The 
uranium  was  removed  from  the  kerosene  by  contacting  the  kerosene  with  a 
carbonate  solution.   The  carbonate  solution  was  concentrated  to  50  to 
55  grams  of  UO   per  liter. 

A  second  process,  also  in  commercial  operation  in  1958  was  developed 
by  Dow  [52].   Mono(2 , 6, 8-trimethyl-4-nonyl)  phosphoric  acid  at  a 
concentration  of  0.1  M  was  used  to  extract  the  uranium.   The  kerosene 
was  loaded  to  7  to  8  grams  of  UO   per  liter.   Uranium  was  stripped  from 
the  kerosene  with  10  M  hydrochloric  acid.   Sodium  carbonate  could  not 
be  used  for  stripping  because  of  the  high  solubility  of  the  sodium 
alkyl  phosphate  salt  in  the  aqueous  phase. 

Wells  et  al.  [48]  tested  several  alkyl  phosphoric  acids  for  potential 
use  as  selective  extractants  for  beryllium  from  liquors  high  in  aluminimi 
oxide.   They  concluded  that  the  most  suitable  extractant  was  di (2-ethylhex3'l) 
phosphoric  acid.   Third  phase  formation  was  prevented  by  the  addition 
of  4%  w/v  octan-2-ol  in  the  solvent.   This  modifier  also  enhanced 
beryllium  selectivity  by  repressing  aluminum  extraction.   Decreasing 
the  pH  of  the  aqueous  phase  al,so  lowered  aluminum  extraction.   Stripping 
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could  be  accomplished  with  either  sodium  hydroxide  or  ammonium  bifluoride. 
Tests  were  conducted  in  a  3-in.  diameter  turbine  at  about  1800  rpm. 
Detention  time  in  the  mixer  was  about  20  minutes.   With  an  initial 
concentration  of  7.9  g  BeO,  11  countercurrent  stages  could  recover 
96%  of  the  BeO  at  a  pH  of  1.   It  was  concluded  that  the  extraction  of 
beryllium  from  sulfate  liquors  was  practical. 

Kolarik  and  Pankova  [53]  studied  the  extraction  of  lanthanides 
by  several  dialkyl  phosphoric  acids.   The  mechanism  of  the  extraction 
was  concluded  to  be 

Ln-^"^(aq)  +  3H  A„(org)  =  Ln  (HAj  „  (org)  +  3H^(aq)  -.  (3-21) 

The  log  equilibrium  K  was  found  to  be  -1.15  to  4.76  for  various  lan- 
thanides in  a  nitrate  aqueous  media.   They  found  that  increased  branching 
of  the  alkyl  groups  led  to  a  substantial  decrease  in  extraction  effi- 
ciency.  Other  authors  have  also  found  this  result  [54].   It  had 
previously  been  thought  [34]  that  the  lower  efficiency  with  higher 
branching  was  due  to  a  difference  in  acidity  of  the  phosphoric  acid 
compounds.   However  as  Kolarik  and  Pankova  [53]  stated,  the  acidity 
difference  was  very  small,  and  cannot  account  for  the  drastic  drop  in 
extraction  efficiency.   The  extraction  efficiency  was  not  affected  by 
an  increase  in  the  number  of  carbon  atoms  in  the  alkyl  groups  of  the  same 
structure.   The  extractability  of  metal  was  found  to  increase  with 
decreased  radius  of  the  extracted  ions. 

In  1968  George  et  al.  [55]  conducted  a  laboratory  scale  study  of 
the  recovery  of  aluminum  from  copper  mine  acid  waters.   Aluminum  was 
extracted  by  a  0.4  N  solution  of  monododecyl  phosphoric  acid.   The  optimum 
extraction  pH  was  3.0  to  3.1.   A  kerosene : aqueous  flow  rate  of  2:1  was 
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used.   It  was  necessary  to  convert  the  phosphoric  acid  to  the  calcium 
salt  by  addition  of  hydrated  lime  to  the  kerosene.   This  was  to  prevent 
a  pH  drop  during  extraction  which  would  lower  the  extraction  coefficient. 
With  an  initial  aluminum  concentration  of  3.1  g/£,  the  extraction 
coefficient  was  3.9.   Two  extraction  stages  wei-e  utilized,  and  one 
liming  stage.   The  stripping  circuit  was  operated  with  three  and  four 
stages  and  vjith  6  to  8  N  HCl .   Three  stages  proved  adequate  when  the 
organic  to  aqueous  flow  ratio  was  between  15:1  and  18:1.   Under  these 
conditions,  with  a  10  minute  contact  time  per  stage,  about  90%  of  the 
aluminum  was  stripped  by  6  N  HCl.   Stripping  was  not  improve'd  using 
8  N  HCl.   The  stripped  kerosene  was  sent  to  a  scrubbing  stage  before 
returning  to  the  extraction  circuit. 

Brown  et  al.  [56]  studied  the  rates  of  aluminum  stripping  as  they 
applied  to  aliminum's  interference  in  the  Dapex  process  for  vanadium 
recovery.   In  the  process  some  aluminum  was  coextracted  with  uranium, 
but  the  aluminum  would  not  strip  out  during  the  stripping  cycle  and 
therefore  built-up  as  an  impurity  in  the  kerosene.   In  the  Dapex  process 
for  vanadium  recovery,  vanadium  is  extracted  with  0.2  to  0.4  M 
di (2-ethylhexyl)  phosphoric  acid  and  stripped  with  1  M  H  SO^  at  ambient 
temperature.   At  these  stripping  conditions,  some  of  the  impurity  metals, 
such  as  iron  (III) ,  aluminum  and  titanium  are  not  removed  effectively 
from  the  organic  phase.   Tests  were  made  to  study  the  effects  of  temperature 
on  the  stripping  of  these  metals  with  1  M  H„SO. .   Organic  extractants 
loaded  with  0.8  g  Al/liter  were  stripped  at  30  °C  and  50  °C  with  an 
organic: aqueous  ratio  of  1:1.   Aluminum  was  about  25%  stripped  in 
10  minutes  at  30  °C,  60-75%  in  20  minutes,  and  85-95%  in  60  minutes. 
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At  50  °C,  greater  than  95%  of  the  aluminum  was  stripped  in  less  than 
10  minutes.   The  rate  of  stripping  increased  at  30  °C  when  tributyl 
phosphate  was  added  to  the  solvent  phase. 


CHAPTER  4 
EXPERIMENTAL  APPARATUS  AND  PROCEDURES 

The  extraction  experiments  were  divided  into  two  categories: 
aluminum  extraction  from  synthetic  feed  solution,  and  aluminum  ex- 
traction from  treatment  plant  sludges.   All  extractions  were  performed 
in  batch  studies.   Countercurrent  extraction  was  simulated  by  the  use 
of  batch  extraction  techniques.   In  the  laboratory  either  of  two 
procedures  to  gather  solvent  extraction  data  could  have  been  followed: 
1)  a  batch  simulation  of  the  continuous  multistage  process  could  be 
carried  out;  or   2)  a  continuous  extraction  in  a  miniature  extractor 
(bench-top  scale)  of  kno^«i  number  of  stages  could  be  used.   Both 
procedures  have  been  used  in  practice.   However,  miniature  extractors 
tend  to  be  rather  inflexible  in  the  number  of  stages  they  have  been 
able  to -.represent  and  they  have  been  shown  to  be  difficult  to  feed 
continuously  in  steady-state  fashion  on  a  vei*y  small  scale  [36]  . 
Therefore,  the  batch  simulation  procedure  was  the  method  of  choice  for 
this  research.   The  batch  simulation  procedure  called  for  repeated 
introduction  of  feed  mixture  and  solvents  into  a  pattern  of  batch 
extractions.   These  ultimately  were  able  to  produce  the  same  eEfect  as 
a  steady-state  continuous  process.   The  liquids  in  the  batch  process  were 
in  the  same  volume  ratio  as  the  rates  of  flow  to  be  simulated  in  a 
continuous  cascade.   It  has  bean  sho\'vn-i  that  on  a  small  scale  there  arc 
of Lcn  relatively  large  losses  of  solution  due  to  failure  of  the  liquids 
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to  completely  drain  from  the  vessels.   Therefore,  the  volumes  were 
carefully  monitored  from  stage  to  stage  to  insure  that  a  constant 
volume  ratio  was  maintained.   Figure  4-1  schematically  shows  the  batch 
simulation  contact  pattern  that  was  followed  in  this  research.   The 
batch  simulation  procedure  asymptotically  approached  steady-state. 
The  number  of  horizontal  rows  required  (in  Figure  4-1)  was  dependent 
upon  each  system  studied. 

4-1   Feed  Solution 

4-1-1   Synthetic  feed  solution 

All  synthetic  feed  solutions  were  made  vjith  distilled  water  and 
reagent  grade  chemicals.   All  glassware  was  rinsed  with  tap  water, 
acid  soaked  in  50%  KCl,  washed  with  a  cleaning  solution,  rinsed  with 
tap  water,  and  rinsed  with  distilled  water.   Any  glassv.'are  which  had 
contained  organic  compounds  vjas  acetone  rinsed  prior  to  the  final 
distilled  water  rinse. 

Ten  grams  of  aluminum  metal  wire  v/ere  dissolved  at  elevated  tem- 
perature in  1  +  1  HCl  for  preparation  of  the  stock  solution.   In  some 

tests  aluminum  potassium  sulfate  was  used  as  the  source  of  aluminum. 

3+ 
The  stock  solution  was  prepared  at  10,000  mg/£  Al    (0.37  M) .   The 

3- 

PO4    ion  was  furnished  to  the  stock  solution  from  potassium  phosphate 

monobasic.   The  phosphate  was  added  to  give  an  A1:P  weight  ratio  of 
about  1.5:1.   This  was  near  the  ratio  to  be  expected  for  90%  phosphate 
removal.   The  phosphorus  concentration  (as  P)  in  the  stock  solution  was 
therefore  6200  mg/£-F  (0.2  M) .   The  pH  of  the  stock  solution  was  less 
than  1.0,  which  ensured  that  aluminum  phosphate  precipitation  did  not 
take  place  upon  storage.   When  needed  for  experiments  the  stock  solution 


Figure  4-1.   Batch  Simulation  of  Three-Stage  Continuous  Counter- 
current  Cascade. 

S  =  Solvent,  F  =  Feed,  R  =  Raffinate,  E  =  Extract. 
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was  diluted  to  the  desired  concentration  with  distilled  water.   dH 
adjustments  were  made  by  sulfuric  acid  and/cr  sodium  hydroxide  addition. 
In  all  extractions,  unless  otherwise  stated,  the  A1:P  weight  ratio  was 
1.6:1.   No  further  attempt  to  simulate  ion  concentrations  in  wastewater 
V7as  attempted,  as  actual  treatment  plant  ^^7astewater  was  to  be  used  in  the 
subsequent  set  of  experiments.   The  use  of  synthetic  wastewater  did  allow 
large  quantities  of  feed  solution  to  be  readily  available  and  the  feed 
parameters  could  be  easily  changed.   Variability  in  feed  quality  could 
be  ignored  when  comparing  different  extraction  parameters. 

4-1-2   Tertiary  wastewater  sludge  feed  solution 

The  secondary  effluent  used  for  alum  coagulation  was  collected 
from  the  University  of  Florida  Campus  Sewage  Treatment  Plant.   The  plant 
accomplished  secondary  treatment  by  both  activated  sludge  (contact 
stabilization)  and  trickling  filter  (standard  and  high  rate) .   The  sample 
was  collected  from  the  plant's  water  reuse  system.   This  water  was 
pumped  from  the  final  chlorine  contact  chamber.   A  typical  analysis  of 
the  secondary  effluent  is  presented  in  Table  4-1.   These  values  represent 
a  10-month  average,  as  reported  in  a  previous  study  [57].   For  this  study, 
the  phosphate  values  were  checked  before  and  after  each  coagulation. 
The  secondary  effluent  was  pumped  into  a  55-gallon  drum  for  batch 
coagulation.   A  60  mg/£  alum  dosage  was  applied  to  40  gallons  of  effluent 
per  coagulation.   The  pH  was  not  adjusted.   Figure  4-2  shows  alum 
dosage  vs  final  phosphate  concentration  for  this  effluent.   The  final 
coagulation  pH  was  approximately  6.00.   The  rapid  mix  time  was  5  minutes, 
flocculation  time  15  minutes  and  the  settling  time  was  2  hours.   The 
sludge  was  withdrawn  such  that  the  sludge  volume  was  1%  of  the  coagulation 


Figure  k-2.      PhosphatB  Removal  as  a  Function  of  Alum  Dose. 

Solution  is  secondary  effluent  from  the  University 
of  Florida  Campus  Sewage  Treatment  Plant.   Coagu- 
lation pH  =  6.0.   Alum  contained  8.0%  aluminum 
ion. 
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TABLE  4-1 

Characteristics  of  Secondary  Effluent  of  the  University  of  Florida 
Campus  Sewage  Treatment  Plant 


Suspended  solids  20  mg/£ 

BOD  4.2  ing/£ 

COD  19.7  mg/il 

Kjeldahl-N  5.6  mg/^ 

>JK3-N  3.9  mg/.?- 

NO3-N  6.5  ing/£ 

Orthophosphate-P  3.2  irig/il 

Total  phosphate-P  4.0  ng/5, 

Calcium-Ca  70  rag/S- 

Magnesiuia-Mg  31  mg/£ 


Source:   Cornwell,  D.  A.,  Taylor,  J.  S.,  Furman, 
T.  deS.,  Zoltek,  J.,  "Nutrient  Removal 
by  Water  Hyacinths,"  unpublished  report, 
Deot.  Env.  Eng. ,  Univ.  of  Florida,  1973, 
p.  25. 
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volume,  or  about  1.5  liters  were  withdra\\Ti  per  batch  coagulation.   The 
sludge  was  then  returned  to  the  lab  for  analysis.   Acidification  of 
the  sludge  was  always  accomplished  with  24  hours  of  collection,  and 
usually  immediately  after  collection.   Wlien  necessary,  the  sludge  was 
stored  in  a  3  ° C  refrigerator. 

4-2   Alkyl  Phosphoric  Acids 

Five  different  alkyl  phosphoric  acids  were  supplied  by  Stauffer 
Chemicals,  Eastern  Research  Center,  Westport,  Connecticut.   Properties 
of  the  five  acids  are  sl^o\^7n  in  Table  4-2  and  4-3.   The  di(2-ethylhexyl) 
phosphoric  acid  that  was  actually  used  in  the  tests  was  from  K  and  K 
Chemicals,  Plainview,  New  York.   The  properties  of  this  acid  as  supplied 
from  K  and  K  were  not  available,  but  should  be  close  to  those  given  in 
Table  4-2  for  Stauffer's  Chemicals.   All  of  these  chemicals  were 
commercially  available  in  large  quantities  at  the  time  of  this  research. 
The  acids  vjere  not  purified  in  any  manner,  but  used  directly  as  supplied 
by  the  manufacturer.   Since  the  chemicals  would  not  be  further  purified 
in  full-scale  application  better  design  data  could  be  obtained  by  using 
the  esters  as  supplied.   The  alkyl  phosphoric  acid  solutions  were 
prepared  by  weighing  out  the  appropriate  amount  of  solution  and  diluting 
it  in  kerosene.   The  kerosene  was  used  as  supplied  from  a  local  fuel 
wholesaler.   All  molar  solutions  of  alkyl  phosphates  were  reported  as 
formal  weights  as  given  by  the  average  molecular  weights  in  Table  4-2. 
The  tributyl  phosphate,  [CH  (CH  )  0]  P (0) ,  was  obtained  from  Aldrich 
Chemicals,  Atlanta,  Georgia,  and  was  reported  as  greater  than  97%  purity, 
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Water     Alcohol     Acetone     Ether     CCl/ 


Mono-di-iso-amyl 

I 

S 

S 

S        S 

Mono-di-2-ethylhexyl 

I 

S 

S 

S        S 

Mono-n-butyl 

S 

s 

s 

S         SS 

Mono-iso-amyl 

I 

s 

s 

s      s 

Di-2-ethylhexyl 

R 

SR 

s 

s      s 

Source:   Stauffer  Chemi 

cal 

Company 

,  Akyl 

Acid 

Pho; 

3pha 

ites  , 

,  Westport , 

Conn. ,  Aug. ,  1972. 
Code:     S  =  Soluble,  SS  =  Slightly  Soluble,  R  =  Reacts,  I  =  Insoluble. 
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4-3  Analytical  Equipment  and  Techniques 

4-3-1   Total  phosphate  determination 

Total  phosphate  was  determined  by  using  acid  perchlorate  digestion, 
followed  by  the  vanadomolybdophosphoric  acid  colorimetric  technique  as 
described  in  the  thirteenth  edition  of  Standard  Methods  for  the  Examina- 


tion  of  Water  and  Wastev.-'ater .   The  sample  was  autoclaved  for  30  minutes 
at  15  psig  and  120^0  in  a  "Castle  thermatic  60"  autoclave.   The  pH  was 
adjusted  to  just  under  the  phenolphthalein  endpoint.   A  sample  (or  diluted 
sample)  of  50  ml  was  r'eacted  in  a  50  ml  graduated  cylinder  with  10  ml  of 
vanadatemolybdate  for  10  minutes.   The  absorbance  was  read  on  a  "Bausch 
and  Lomb  Spectronic  70"  at  400  nm.   A  light  path  of  2  cm  was  used. 

4-3-2  Orthophosphate  determination 

Orthophosphates  were  determined  exactly  as  total  phosphates  without 
the  inclusion  of  acid  digestion. 

4-3-3   pH  measurement 

pH  vjas  measured  with  a  "Corning  Model  12"  expanded  scale  pH  meter. 
The  pH  meter  was  standardized  at  a  pH  of  2.00  for  low  pH  determinations 
and  a  pH  of  7.00  for  mid-range  measurem.ents .  Rather  than  make  an  ionic 
strength  correction  to  determine  the  hydrogen  ion  concentration,  the 
proton  activity  as  calculated  from  the  measured  pH  was  used  in  all  cal- 
culations. Therefore  any  equilibrium  constant  containing  proton  or 
hydroxyl  ion  concentrations  are  reported  as  mixed  constants. 

4-3-4  Aluminum  determination 

The  aluminum  ion  concentration  was  determined  by  atomic  absorption 
on  a  "Varian  Techtron  Model  1200."   A  nitrous  oxide  flame  was  used  as 
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prescribed  in  the  EPA  manual,  "Methods  for  Chemical  Analysis  of  Water 
and  Wastes."   All  samples  contained  sufficient  potassium  ions  to  prevent 
aluminum  ionization.   Readings  were  made  at  309.2  nm.   When  measuring 
the  aluminum  in  strong  acid  solution  it  was  not  possible  to  determine 
the  aluminum  directly  due  to  the  interference  from  the  high  sulfuric 
acid  concentration  (in  the  range  of  1-10  normal) .   By  diluting  the  sam- 
ples one  to  one  thousand  with  distilled  water,  accurate  readings  could 
be  achieved.   The  range  of  optimum  aluminum  determination  was  10  to  150 
mg/£  as  Al   . 

4-3-5  Available  H   determination 

Available  hydrogen  ion  determination  of  the  alkyl  phosphoric  acid 
was  made  by  titration  of  the  alkyl  phosphoric  acid-kerosene  solution  with 
0.1  N  NaOH.   The  sodium  hydroxide  was  standardized  by  titration  with 
standard  0.1  N  11^50/.   The  available  hydrogen  was  that  hydrogen  that 
would  exchange  with  the  sodium  ion.   The  phosphoric  acid  acted  as  a  dimer 
such  that  equation  (4-1)  prevailed  during  titration. 

NaOH(aq)  +  (HA)2(org)  =  NaAHA(org)  +  H20(aq)  (4-1) 

Millivolt  and  pH  measurements  were  made  using  the  "Corning  Model  12" 
expanded  scale  pH  meter.   Millivolt  measurements  could  be  made  through- 
out the  titration.   Aqueous  phase  pH  measurements  could  only  be  made 
after  titration  had  proceeded  far  enough  that  sufficient  water  was 
available  to  obtain  an  accurate  reading.   The  point  at  which  the  alkyl 
phosphoric  acid  had  completed  reaction  with  sodium  was  determined  by 
standard  evaluation  of  acid-base  titration  curves  [58].   In  this  pro- 
cedure the  inflection  point  of  the  titration  curve  represented  the  point 
of  complete  acid  neutralization. 
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4-3-6  Eiaulsicn  size  determination 

A  "Unitron"  microscope  at  a  magnification  of  1500  was  used  to  m.eas- 
ure  droplet  size.   The  microscope  ^jas  set-up  next  to  the  mixing  device. 
While  the  organic-water  solution  was  mixing,  an  eyedropper  of  solution 
was  taken  from  the  beaker  and  a  drop  placed  on  the  microscope  slide. 
The  microscope  was  prefocused  to  allow  rapid  size  determ.inations .   It 
was  found  that  a  more  stable  oil  in  water  emulsion  could  be  produced  by 
decreasing  the  oil:water  ratio.   The  droplet  size  did  not  appear  to  be 
affected  by  reducing  the  phase  ratio,  and  more  time  was  available  to 
obtain  measurements.   It  was  possible  to  obtain  measurements  down  to 
0.6  p  at  1500  magnification. 

A-3-7  Total  solids  determination 

Total  solids  content  of  the  sludge  samples  was  determined  by  eva- 
porating the  vjater  from  the  sludge  at  102°C  in  an  oven.   In  each  case 
a  50  gram  (wet  weight)  sample  vjas  dried  for  24  hours.   The  remaining 
solids  were  weighed  to  determine  milligrams  of  solids  per  50  grams  of 
sludge.   The  percentage  solids  content  could  then  be  directly  determined, 
.'^ll  solids  contents,  prior  to  thickening,  were  reported  at  a  sludge 
volume  equal  to  1%  of  the  plant  flov/. 

4-3-8  Volatile  solids  determination 

The  dried  samples  from  section  4-3-7  were  ignited  at  550°C  for 
24  hours.   The  solids  which  remained  after  ignition  represented  non- 
volatile solids.   Volatile  solids,  vjhich  were  equated  to  percentage 
organic  content  of  the  sludge,  were  found  by  difference. 
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4-4   Experiraental  Procedure  and  Equipment 

Batch  extraction  experiments  were  conducted  in  tall  300  ml  beakers. 
Samples  of  50  ml  volume  were  mixed  Xv'ith  a  variable  speed  mixer.   Mixing 
was  at  the  maximum  speed  of  the  mixer  which  V7as  about  1500  rpm,  as  re- 
ported by  the  manufacturer.   A  polyethelyne  three-bladed  propeller  was 
used  as  the  stirrer.   The  mixer  was  connected  directly  to  a  "Dimco-Gray" 
timer  to  control  mixing  times.   After  mixing,  the  samples  were  immediately 
transferred  to  125  ml  separatory  funnels  where  the  organic  and  water 
phases  were  separated.   A  small  volume  of  water  was  left  in  the  funnel 
after  initial  drainingv   The  phases  were  then  allowed  to  equalize  before 
draining  the  remaining  water. 

4-4-1  Treatment  of  wastewater  sludge  samples 

Sludge  samples  were  thickened  using  a  "Phipps  &  Bird"  jar  stirrer 
at  7  rpm.  The  supernatant  was  decanted  using  a  siphon.  The  thickened 
sludge  was  then  acidified  with  10  N  H„SO,  to  the  desired  pH.  The  sludge 
was  filtered  through  I\Tiatman  //2  filter  paper.  The  sample  was  analyzed 
for  aluminum  and  phosphate  content.  The  total  available  aluminum  in  the 
sludge  was  determined  by  reacting  20  ml  of  sludge  with  5  ml  of  concen- 
trated HCl.   The  sample  was  filtered  and  analyzed  for  aluminum. 

After  filtration  of  the  acidified  sludge,  some  of  the  samples  were 
enhanced  with  additional  aluminum  and  phosphate  to  simulate  operation  of 
a  treatment  plant  using  a  higher  alum  coagulation  dose  than  was  neces- 
sary for  proper  coagulation  of  the  Campus  Sewage  Treatment  Plant  effluent. 
Enhancement  was  done  by  the  addition  of  aluminum  potassium  sulfate  and 
potassium  phosphate  monobasic  to  the  acidified  filtered  sludge. 


CHAPTER  5 
ALUMINUM  RECOVERY  FROM  SYNTHETIC  FEED  SOLUTION 

Design  of  the  recovery  process  required  that  the  optimal  operating 
conditions  for  the  extraction  stages  and  the  stripping  stages  be  deter- 
mined.  In  the  extraction  stages  the  aluminum  was  removed  from  the 
acidified  aluminum-phosphate  sludge  by  dissolution  into  kerosene,  re- 
sulting in  separation  of  the  aluminum  from  the  phosphate.   In  the 
stripping  stages  the  aluminum  rich  kerosene  phase  was  contacted  with 
acid.   The  equilibria  favored  aluminum  solubility  in  the  acid,  thereby 
resulting  in  recovered  alum.   The  aluminum  free  kerosene  was  recycled 
back  to  the  extraction  stages. 

Initial  liquid  extraction  studies  of  aluminum  were  designed  to 
test  the  efficiency  of  various  alkyl  phosphoric  acids  as  extractants. 
In  all  aluminum  extractions  kerosene  was  the  organic  solvent  of  choice. 
Kerosene  has  found  wide  use  as  a  solvent  for  alkyl  phosphoric  acid  dis- 
solution.  The  alkyl  phosphoric  acids  generally  have  high  solubility  in 
kerosene;  extraction  coefficients  are  as  high  or  higher  with  kerosene 
than  in  other  solvents;  and  kerosene  has  economic  advantages  over  other 
solvents . 

Both  mono-n-butyl  and  mono-iso-amyl  phosphoric  acids  have  relatively 
high  water  solubilities.   It  was  found  by  Wells   et  al.  [48]  that  the 
dialkyl  forms  of  these  acids,  dissolved  in  kerosene,  x<70uld  precipitate 
with  aluminum.   Because  of  the  loss  of  alkyl  phosphate  through  precipi- 
tation, the  acids  were  undesirable  for  beryllium  extraction.   In  initial 
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laboratory  testis  in  this  research,  it  was  found  that  large  amounts  of 
third  phase  formation  developed  vjhen  n-butyl  and  iso-am}'!  dihydrogen 
phosphoric  acids  were  used  for  aluminum  extraction.   UTiile  it  may  have 
been  possible  to  prevent  third  phase  formation  by  a  large  amount  of  neu- 
tral reagent  addition,  such  as  tributyl  pliosphate,  these  alkyl  phosphates 
were  not  further  tested.   The  third  acid  mixture  tested  was  an  equal 
molar  mixture  of  mono-  and  di-iso-octyl  phosphoric  acid.   It  was  found 
that  this  acid  mixture  was  not  a  good  aluminum  extractant  in  the  hydrogen 

form.   A  kerosene  solution  of  0.1  M  iso-octyl  phosphoric  acid,  converted 

3+ 
to  the  calcium  salt,  when  contacted  with  800  mg/£  (0.03  M)  of  Al   at  a 

pH  of  3,  had  an  extraction  coefficient  of  about  5.0.   However,  a  20%  by 
volume  addition  of  tributyl  phosphate  (TBP)  was  necessary  to  prevent 
third  phase  formation.   Wells  [48]  also  found  that  vjhen  di-iso-octyl 
phosphoric  acid  extracted  aluminum  at  a  pH  of  3,  heavy  precipitates 
formed.   At  a  pH  of  1,  he  found  light  precipitates  formed.   Although 
this  acid  could  not  be  ruled  out  as  an  extractant  for  aluminum,  other 
alkyl  phosphates  tested  proved  to  be  more  suitable  for  aluminum  extrac- 
tion.  The  next  two  acids  tested  both  exhibited  good  extractant  proper- 
ties for  aluminum.   A  section  is  devoted  to  each  acid  describing  results 
of  extraction  tests. 

5-1  Aluminum  Extraction  by  Di (2-ethylhexyl)  Phosphoric  Acid 

Di  (2-ethylhexyl)  phosphoric  acid  (DEHPA)  existed  as  a  dimer  in  ker- 
osene solution  [37].   Therefore  in  its  initial  reaction  with  aluminum 
the  alkyl  phosphate  would  act  as  a  dimer.   The  monomer  form  of  this  acid 
has  been  previously  shown  in  Figure  3-la.   A  dimer  form  of  the  acid  is 
shown  in  Figure  5-1  a.   In  previous  research,  when  DEHPA  was  used  to  ex- 
tract Uranium  (71)  [37]  from  solution,  the  reaction  initially  proceeded 


Figure  5-1.   Proposed  Molecular  Structure  for  a)  DEHPA  Dimer, 
b)  1:4  UO2  -  DEHPA  Complex,  and  c)  Pol>Tr.eric 
UO2  -  DEHPA  Complex.   The  anion  X  represents 

The  broken  line  represents  hydrogen  bonding. 
Source:   Baes,  Jr.,  C.  F.,  Zingaro,  R.  A.  Coleman, 
C.  F.,  "The  Extraction  of  Uranium  (VI)  from  Acid 
Perchlorate  Solutions  by  Di(2-ethylhexyl)  Phos- 
phoric Acid  in  n-Hexane,"  J.  Phy.  Chem. ,  62 :2, 
134  (1958). 
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with  DEHPA  acting  as  a  dimer.   Figure  5--lb  shov;s  the  proposed  organic 
complex  resulting  from  (UO^)    extraction  by  DEHPA  [37].   As  the  Uranium: 
DEHPA  ratio  was  increased  the  polyuierzation  of  the  Uranium-DEHPA  complex 
was  believed  to  increase  [37].   Figure  5-lc  shows  the  proposed  structure 
of  increased  polymerzation.   If  aluminum  extraction  was  similar  to  that 
of  UOp   ,  the  reaction  could  be  represented  by  equation  (5--1)  at  a  low 
A1:DEHPA  ratio  (alkyl  phosphoric  acid  is  represented  by  HX  throughout 
this  chapter) . 

Al^'^(aq)  +  3(HX)2(org),=  AlX5H3(org)  +  3H"^(aq)  (5-l) 

As  the  A1:DEHPA  ratio  surpassed  that  possible  for  a  dimer  reaction,  the 
DEHPA  began  to  react  as  a  monomer,  as  showm  in  equation  (5-2). 

Al-^(aq)  +  3(HX)(org)  =  AlX3(org)  +  3H+(aq)  (5-2) 

In  several  solvent  extraction  systems  the  reaction  is  pH  dependent  (for 
example,  uranium  extraction  is  not  pH  dependent  and  beryllium  extraction 
is  pH  dependent  [48]  )  .  pH  control  is  especially  important  in  pH  depen- 
dent systems  where  several  countercurrent  extractions  are  involved.   If 
the  pH  is  allov;ed  to  drop  during  extraction  then  the  pH  of  the  feed  solu- 
tion to  each  stage  will  eventually  fall  below  that  for  successful  extrac- 
tion.  For  example,  in  the  beryllium  extraction  process  [48]  the  initial 
feed  pH  was  1.30,  after  four  stages  the  pH  had  dropped  to  0.61  which  no 
longer  favored  beryllium  extraction.   It  was  necessary  to  raise  the  pH 
up  to  1.0  before  the  feed  entered  stage  5.   After  stage  11  the  pH  had 
dropped  to  0.67,  which  was  the  last  stage  used  for  extraction.   In  this 
research,  rather  than  control  aqueous  feed  pH  between  extraction  stages, 
the  alkyl  phosphoric  acid  was  used  in  the  salt  form  instead  of  the  hydrogen 
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form.   Since  an  acid  stripping  method  was  used  the  alkyl  phosphoric  acid 
was  in  the  hydrogen  form  and  had  to  be  converted  to  the  salt  form  prior 
to  use  as  an  extractant.   This  was  done  by  direct  addition  of  dry  calcium 
hydroxide  to  the  organic  solution.   The  alkyl  phosphate  reacted  as  a 
dimer  v.^ith  the  calcium  such  that, 

2(HX)2(org)  +  Ca(0H)2  =  CaX4H2(org)  +  2H2O  (5-3) 

The  subsequent  aluminum  extraction  was, 

3CaX4H2(org)  +  2Al^'''(a<i)  =  2AlX6H3(org)  +  3Ca^"'"(aq)  (5-4) 

In  the  initial  tests  of  aluminum  extraction  by  DEHPA  it  was  found 
that  extraction  was  a  function  of  equilibrium  pH.   It  vjas  therefore  nec- 
essary to  convert  the  DEHPA  to  the  calcium  form  by  following  the  sto- 
ichiometry  of  equation  (5-3).   By  adding  Ca(0H)2(s)  to  the  kerosene  solution, 
the  maximum  amount  of  calcium  that  could  be  reacted  with  the  alkyl  phos- 
phoric acid  was  the  amount  indicated  by  equation  (5-3) .   If  more  than  a 
1:4  Ca:DEHPA  ratio  was  added,  the  amount  of  lime  over  this  ratio  acted 
as  excess  base,  raising  the  pH  of  the  aqueous  solution  during  extraction. 
For  a  0.1  M  solution  of  DEHPA  exactly  0.025  M  Ca(0H)2  was  needed  to  main- 
tain a  relatively  constant  pH  during  aluminum  extraction.   When  calcium 
di(2-ethylhexyl)  phosphate  (DEHPA-Ca)  was  formed  in  a  kerosene  solution 
which  was  then  contacted  with  a  water  phase  the  alky],  phosphate  salt 
tended  to  separate  as  a  third  liquid  phase  containing  small  amounts  of 
both  water  and  kerosene.   Third  phase  formation  was  prevented  by  the  ad- 
dition of  a  neutral  organophosphorus  compound,  tributyl  phosphate  (TBP) . 
The  amount  of  TBP  needed  was  found  to  be  directly  proportional  to  the 
concentration  of  DEHPA-Ca.   The  relationship  between  percent  of  TBP  needed 
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on  a  volume/volume  addition  to  kerosene  as  a  function  of  the  DEKPA  con- 
centration is  sho^^m  in  Figure  5-2.  The  aluminum  extraction  coefficient 
obtained  vjith  0.1  M  DEHPA  did  not  vary  between  0%  and  20%  TBP  addition. 

No  change  in  aluminum  extraction  was  obtained  betvjeen  a  mix  time  of 
2  minutes  and  one  hour.   A  10-minute  mix  time  for  aluminum  extraction  by 
DEHPA  was  used  in  the  tests  to  represent  equilibrium  conditions.   WTiile 
the  values  reported  may  not  be  true  equilibrium  values,  they  were  con- 
sidered to  be  close  to  equilibrium  and  relative  changes  in  extraction  by 
changing  various  paraaeters  can  be  evaluated  by  using  the  values  deter- 
mined. "*■  . 

The  percentage  of  aluminum  extracted  as  a  function  of  equilibrium 
pH  is  shourQ  in  Figure  5-3.   The  pH  was  controlled  by  varying  the  aqueous 
pH  and  by  varying  the  percentage  of  DEHPA  that  v/as  converted  to  the  salt 
form.   From  this  curve  the  importance  of  converting  the  DEHPA  to  the  salt 
form  can  be  seen.   At  a  raffinate  pH  of  1.6  only  33%  of  the  aluminum  was 
extracted,  v^hile  at  a  raffinate  pH  of  4.0  nearly  100%  could  be  extracted. 
It  was  not  possible  to  attempt  extraction  above  a  pH  of  4.0  due  to 
aluminum-hydroxide  precipitation  from  the  aqueous  phase  above  this  pH. 

The  extraction  coefficient  for  a  given  aluminum  concentration  as  a 
function  of  DEHPA  concentration  was  determined.   Figure  5-4  shows  extrac- 
tion for  a  single  contact  as  a  function  of  DEHPA  concentration  at  a  feed 
pH  of  2.80.   The  initial  aluminum  concentration  was  800  rag/Z    (0.03  M)  for 
each  case  in  Figure  5-4  and  the  phosphate  concentration  was  500  mg/£ 
(0.016  M).  ' 

Many  of  the  design  data  are  presented  at  the  feed  pH  rather  than  the 
raffinate  pH.  It  was  felt  that  the  feed  pH  is  of  more  interest  in  deter- 
mining design  parameters.   Even  with  the  DEHPA  in  the  salt  form  the 


Figure  5-2.   Percent  of  Tributyl  Phosphate  (TBP)  Needed  to 
Prevent  Third  Phase  Formation  of  Calcium-DEltPA 
(DEHPA-CA)  Complex.   Aqueous  pH  =  2.83. 


85 


0 


0.2  0.3 

DEHPA-Ca,  M 


0.4 


Figure  5-3.   Percent  Aliiminum  Extracted  by  DEHPA  as  a  Function 

of  pH.   0.1  M  DEHPA,  initial  Al3+  =  800  mg/il  (0.03  M)  , 
phase  ratio  =  1:1. 
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Figure  5-4.  Extraction  Coefficient  of  Aluminum  as  a  Function  of 
DEHPA.  Initial  Al^"^  =  800  mg/x-  (0.03  M)  ,  feed  pH  = 
2.80,  phase  ratio  =  1:1. 
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raffinate  pH  was  slightly  lower  than  the  feed  pH.   For  example,  in  Figure 
5-4  the  feed  pH  in  each  case  was  2.80,  vjhile  the  raffinate  pH  varied 
between  2.69  and  2.57  for  the  various  concentrations  of  DEHPA-Ca.   For 
experiments  where  equilibrium  pH  was  of  importance  for  theoretical  eval- 
uation of  the  process,  it  has  been  reported. 

Figure  5-5  shows  the  experimental  equilibrium  curves  for  various 
molarities  of  DEHPA-Ca.   The  high  sloped  straight  portion  of  each  equi- 
librium curve  is  indicative  of  that  aluminum  concentration  range  where 
extraction  greatly  favored  the  organic  phase.   For  example,  a  0.3  M 
DEHPA  solution  had  an  extraction  coefficient  of  about  20  up_  to  aluminum 
concentration  in  kerosene  of  1500  mg/i  (0.055  M) ;  after  this  concentration 
the  extraction  coefficient  decreased.   This  aluminum  concentration  was 
very  close  to  the  theoretical  maximum  that  could  be  extracted  by  a  dimer 
solution  of  0.3  M  DEHPA.   The  theoretical  aluminum: DEHPA  ratio  would  be 
1:6  if  extraction  were  controlled  by  an  aluminum-dimer  alkyl  phosphate 
reaction,  and  therefore  0.05  M  aluminum  could  be  extracted  b}^  0.3  M 
DEHPA.   ^'Jhen  the  1:6  aluminum: DEHPA  ratio  had  been  exceeded,  the  extrac- 
tion proceeded  by  aluminum  reaction  with  a  monom.er  of  DEHPA.   The  extrac- 
tion coefficient  correspondingly  fell  as  the  extractant  changed  from 
dimeric  to  monomeric.   The  ultimate  aluminum-organic  complex  concentra- 
tion that  should  be  possible  with  0.1  M  DEHPA  acting  as  a  monomer  would 
be  0.033  M.   The  equilibrium  curve  levels  off  at  0.0284  M,  slightly  belov.' 
the  theoretical  level. 

Roddy  et  al.  [43]  studied  the  rate  of  iron  extraction  as  a  function 
of  the  type  of  anion  in  aqueous  solution.   Table  5-1  shows  their  results. 
They  found  aqueous  soluble  proton-accepting  complexers  (A")  increased  the 
iron  extraction  rate.   Their  proposed  mechanism  for  extraction  enhance- 
ment is  given  in  equation  (5-5) . 


Figure  5-5.   Equilibrium  Curve  for  Aluminum  Extraction  by  DEHPA. 
Feed  pH  =  2.80,  phase  ratio  =  1:1.   Broken  line 
shows  extraction  coefficient  of  1.0. 
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TABLE  5-1 

Acceleration  of  DEHPA  Extraction  of  Iron(III) 
by  Proton-Accepting  Coriplexing  Agents 


DEHPA  O.IM  Additive  r  x  10^  (cin/min) 


0.1               .,   None  6 

Sulfate  6 
Chloride                        -^  .   9 

Nitrate  30 

Ethylenediainine  35 

Phosphate  70 

Dichloroacetate  85 

Acetate  105 

Citrate  110 

1.0                  None  25 

Acetate  130 


Source:    Coleman,  C.  F. ,  Roddy,  J.  W. ,  in  Solvent  Extraction  Reviews, 
Marcel  Dekker,  Inc.,  N.Y. ,  p  73  (1971). 

Note:      .002M  Fe,  2M(H,Na)  CIO4 ,  pHl ,  25°C 
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Fe(H2C)g3+  +  A-  =  (H20)5FeOH2+  +  H+A"  =  (H20)5FeA2+  +  H^^O  (5-5) 

Reaction  (5-5)  occurred  in  the  aqueous  phase  followed  by  reaction  (5-6) 
at  the  oil/water  interface. 

(H20)5FeA2+(aq)  +  HX(org)  =  (H20)5Fex2+(org)  +  H+A" (aq)  (5-6) 

Reaction  (5-6) ,  the  first  alkyl  phosphate  addition  to  iron,  was  proposed 
to  be  faster  when  one  water  molecule  has  been  replaced  by  a  proton  ac- 
cepting anion,  A  .   Sulfate  ion  did  not  accelerate  the  extraction,  but 
it  was  noted  by  Roddy  et  al.  [43]  that  several  investigators  have  found 
that  reaction  (5-5)  does  not  proceed  to  the  right  in  the  pr-esence  of  sul- 
fate anion.   In  this  research  it  was  of  particular  iraportance  to  note  the 
effect  of  aqueous  phosphate  anion  on  aluminun  extraction.   An  800  nig/£ 
aluminum  (0.03  M)  solution  was  contacted  at  a  feed  pH  of  2.2  with  0.2  M 
DEHPA-Ca.   The  organic :water  phase  ratio  was  1:1.   The  extraction  coeffi- 
cient, with  a  nixing  time  of  5  minutes,  was  4.3.   When  500  mg/JJ  (0.016  M) 
phosphate  was  added,  the  extraction  coefficient  rose  to  5.2.   It  was  con- 
cluded that  aqueous  phosphate  ions  did  not  interfer  with  aluminum  ex- 
traction, and  in  fact  slightly  enhanced  extraction. 

Di(2-ethylhexyl)  phosphoric  acid  appeared  to  have  potential  for 
aluminum  extraction.   The  major  liability  of  DEHPA  was  the  necessity  to 
convert  it  to  the  salt  form  prior  to  extraction.   The  extraction  coeffi- 
cients v/ere  also  less  than  desirable.   Tests  were  therefore  begun  on 
another  alkyl  phosphate. 

5-2  Aluminum  Extraction  by  an  Equal  Molar  Solution  of  Mono-  and 
Di (2-ethylhexyl)  Phosphoric  Acid 

An  equal  molar  mixture  of  mono-  and  di (2-ethylhexyl)  phosphoric  acid 

(MDEHPA)  can  be  represented  by  combining  Figures  3-la  and  3-lb.   It  was 
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unkno^crn  if  this  alkyl  phosphate  mixture  existed  in  solution  as  a  monorner 
or  polymer,  and  therefore   it  was  unknown  how  it  would  react  with  alumi- 
num.  It  was  suspected  that  it  would  be  polymerized  at  least  as  a  dimer, 
and  possibly  a  higher  pol>iiier  would  be  present.   There  were  few  data 
available  from  the  literature  on  metal  extraction  by  mixtures  of  mono- 
and  dialkyl  phosphoric  acids.   In  this  research  the  extraction  of  alumi- 
num by  MDEHPA  was  found  to  be  pH  dependent.   However,  the  extraction 
coefficient  was  high  enough  that  even  without  conversion  of  the  ^DEKPA 
to  the  salt  form  extraction  was  better  than  with  DEHPA.   At  a  feed  pH 
of  2.8,  0.4  M  MDEHPA  extracted  1990  mg/£  of  an  initial  2000  mg/l   alumi- 
num.  Under  the  same  conditions,  MDEHPA-Ca  extracted  1999  mg/il  of  alu- 
minum.  A  large  amount  of  mcney  could  be  saved  by  not  converting  the 
alkyl  phosphate  to  the  salt  form.   For  example,  in  the  aluminum  recovery 
study  by  George  et  al.  [55]  over  50%  of  the  cost  of  aluminum  recovery 
was  for  conversion  of  the  alkyl  phosphate  to  the  salt  form.   Therefore, 
in  this  research,  MDEHPA  was  used  in  the  acid  form.   All  extraction 
tests  were  run  at  an  organic raqueous  phase  ratio  of  1:1.   The  feed  pH 
was  always  below  2.5  to  prevent  aluminum-phosphate  precipitation,  and 
usually  at  2.00,  which  was  expected  to  be  the  pH  of  the  sludge  solution 
after  acidification  for  aluminum  dissolution.   In  all  tests  the  aqueous 
A1:P0,-P  molar  ratio  was  1.85:1.   There  was  no  aluminum  MDEHPA  precipi- 
tate formed  and  therefore  addition  of  a  neutral  organophosphate  was  not 
necessary. 

The  first  tests  were  conducted  to  determine  the  extraction  coeffi- 
cient as  a  function  of  mixing  time  so  that  all  subsequent  data  could  be 
reported  at  pseudoequilibrium  conditions.   The  data  for  time  to  reach 
equilibrium  are  shovm  in  Figure  5-6.   This  test  was  run  at  a  feed  pH  of 
2,0,  a  0.1  M  solution  of  MDEHPA,  and  at  an  initial  aluminum  concentration 


Figure  5-6.   Effect  of  Contact  Time  on  Extraction  of  Aluminum  by 
0.1  M  IffiEHPA.   Initial  Al^"'"  =  1000  mg/£,  feed  pH  = 
2.0,  phase  ratio  =  1:1. 
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of  1000  liig/t  (0.037  M) .  The  reaction  appeared  to  be  complete  at  7  min- 
utes. All  subsequent  tests  were  run  at  a  mix  time  of  15  minutes  to  en- 
sure completion  of  the  reaction. 

The  feed  pH  vjas  varied  between  0.07  and  2.5  to  determine  its  effect 
on  aluminum  extraction.   A  1000  mg/P.    (0.037  M)  solution  of  aluminum  con- 
taining 620  mg/9.    (0.02  M)  phosphate  was  contacted  with  0.1  M  MDEHPA  and 
the  feed  pH  was  varied.   The  results  of  these  extractions  are  shown  in 
Figure  5-7.   At  a  feed  pH  of  0.07  and  0.5  the  aqueous  phase  became  very 
cloudy  after  extraction.   This  cloudiness  did  not  clear  after  several 
hours.   None  of  the  other  feed  pH's  showed  this  phenomenon.  It  was  pos- 
sible that  an  aluminum-MDEHPA  precipitate  was  formed  at  a  low  pH  ac- 
counting for  the  small  extraction  coefficients  in  this  range.   The  alumi- 
num extraction  efficiencies  at  a  feed  pH  of  2.0  and  1.5  are  respectively 
91%  and  84%  of  the  extraction  efficiency  calculated  at  pH  2.5. 

The  experimental  equilibrium  curves  found  at  mixing  times  of  15 
minutes  for  various  concentrations  of  MDEHPA  are  reported  in  Figures 
5-8  through  5-11.   All  extractions  were  at  a  feed  pH  of  2.0.   The  curves 
are  shown  to  level  off  at  the  theoretical  maximum  aluminum  extraction 
that  could  be  obtained.   The  first  point  at  which  the  slopes  of  each 
curve  changed  substantially  was  considered  to  be  the  maximum  am-ount  of 
aluminum  that  could  be  fed  to  a  single  contact  extraction  process  for 
the  given  concentration  of  !MDEHPA,  in  order  to  achieve  essential  com.plete 
extraction.   By  operating  the  process  only  up  to  this  point,  greater  than 
96%  aluminum  recovery  resulted.   The  curves  have  been  drawn  by  two  lines 
of  best  fit.   However,  the  data  should  not  be  interpreted  that  the  ex- 
traction coefficient  was  constant  in  these  two  regions.   The  extraction 
coefficient  varied  inversely  with  aluminum  concentration.   The  curves 
were  drawn  to  emphasize  that  point  at  vjhich  the  extraction  coefficient 


Figure  5-7.   Extraction  Coefficient  of  Aluminum  by  I'lDEHPA  as  a 
Function  of  pH.   0.1  M  I^IDEHPA,  feed  pH  =  2.0, 
initial  Al^"*"  =  1000  mg/i  (0.037  II),  phase  ratio  = 
1:1. 
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Figure  5-8.   Equilibrium  Curve  for  Aluminum  Extraction  by  0.1  M 
I^IDEHPA.   Feed  pH  =  2.0,  phase  ratio  =  1:1,  contact 
time  =  15  minutes.   Curve  is  sho\\rn  to  level  off  at 
the  theoretical  maximum  amount  of  aluminum  that  can 
be  extracted. 
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Figure  5-9.   Equilibclura  Curve  for  Aluminum  Extraction  by  0.2  M 
I'IDEHPA.   Feed  pK  =  2.0,  phase  ratio  =  1:1,  contact 
time  =  15  minutes.   Curve  is  shown  to  level  off  at 
the  theoretical  maxiitium  amount  of  aluminum,  that  can 
be  extracted. 
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Figure  5-10.   Equilibrium  Curve  for  Aluminum  Extraction  by  0.3  M 
MDEHPA.   Feed  pH  =  2.0,  phase  ratio  =  1:1,  contact 
time  =  15  minutes.   Curve  is  sho'ivTi  to  level  off  at 
the  theoretical  maximum  amount  of  aluminum  that  can 
be  extracted. 
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Figure  5-11.   Equllibriuin  Curve  for  Aluminum  Extraction  by  0.4  M 
1-IDEHPA.   Feed  pH  =  2.0,  phase  ratio  =  1:1,  contact 
time  =  15  minutes.   Curve  is  sho^im  to  level  off  at 
the  theoretical  maximum  amount  of  aluminum,  that  can 
be  extracted. 
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was  substantially  reduced.   The  points  at  vjhich  extractions  were  markedly 
lov/er  in  Figures  5-8  through  5-11  have  been  plotted  in  Figure  5-12.   Fig- 
ure 5-12  shows  the  amount  of  MDEHPA  needed  to  extract  greater  than  96%  of 
the  initial  aqueous  aluminum  concentration  in  one  extraction  contact  as 
given  on  the  ordinate  axis  of  the  graph.   If  greater  than  or  less  than 
96%  aluminum  extraction  was  desired  then  slightly  more  or  less  I'lDEHPA 
than  the  amount  given  in  Figure  5-12  was  used.   From  Figures  5-8  through 
5-11  it  was  also  possible  to  determine  the  amount  of  aluminum  that  could 
be  extracted  by  using  multistage  countercurrent  extraction  b}'  the  methods 
outlined  in  Chapter  3.  .^ 

If  MDEHPA  reacted  as  a  dimer  with  aluminum,  the  reaction  between 
Al   and  DEHPA  would  be  given  by  equation  (5-7) 


Al^(aq)  +  3(HX)2(org)  =  AlX5H3(org)  +  3H+(aq) 


(5-7) 


and  the  reaction  between  Al   and  MDEHPA  would  be  given  by  equation  (5-8) 


2Al-^"'"(aq)  +  3(H2X)2(org)  =  2AIX3H3  +  eH"*" 


(5-8) 


3+ 
The  two  equations  can  be  combined  to  give  the  reaction  between  Al    and 

an  equal  molar  mixture  of  DEHPA  and  MDEHPA  as  shown  in  equation  (5-9) . 


Al3+(aq)  +  2(HX-H2X)2(org)  = 


AIX6H3    2AIX3H3 


(org)  +  3H+'(aq)     (5-9) 


The  corresponding  equilibrium  constant  is  given  by  equation  (5-10) 


Al 


K  = 


Ml  +^Ml 


(org)[H+]3(aq) 


(Al^+) (aq)  ( (HX-H2X) 2) ^ (org) 


(5-10) 


Figure  5-12.  MDEHPA  Necessary  to  Extract  Greater  than  96%  of  the 
Initial  Aluminum  in  the  Feed.  Feed  pH  =  2.0,  phase 
ratio  =  1:1,  contact  time  =  15  minutes. 
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Also, 


Al 


X6H3   2X3H3 


(org) 


^  (Al3+) (org) 
(Al3+) (aq)         (Al3+) (aq) 


at  equilibrium. 


still  defining  terms  of  equation  (5-10) 


[Ir]  (aq)  =  hydrogen  ion  activity  at  equilibrium. 


and, 
(HX-H2X)2(org) 


unreacted  MDEHPA  concentration  at  equilibrium, 
expressed  as  a  dim.er.  v 


For  every  aluminum  extracted,  two  MDEHPA  dimers  are  reacted,  or  four 
MDEHPA  monomers.   The  final  unreacted  concentration  of  MDEHPA,  expressed 
as  a  dimier,  is  given  by  equation  (5-11) 


(HX-H2X)2(org)  = 


(HX-H2X)i  -  4Al-^"^(org) 


(5-11) 


where, 


(HX'H2X)j^  =  the  initial  monomer  MDEHPA  concentration, 


and, 


(Al   ) (org)  =  the  aluminum  extracted, 


The  equilibrium  constant  of  equation  (5-10)  can  now  be  expressed  as  shov/n 
in  equation  (5-12) . 


K  = 


4E„°[H+]^ 


((HX-H2X)i  -  4Al3+(org))2 


(5-12) 
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In  applying  the  data  to  the  theoretical  equation  (5-12) ,  it  was  found 
that  the  equation  was  followed  up  to  an  aluminum  concentration  where  the 
slope  changed  as  shown  in  Figures  5-8  through  5-11.   The  data  as  applied 
to  the  four  data  points  of  Figure  5-12  are  given  in  Table  5-2.   The  pK 
was  found  to  be  -1.67±C.01.   This  indicated  that  the  aluminum  was  initially 
extracted  by  a  dimer  of  MDEHPA.   As  the  aluminum iIOEHPA  molar  ratio  was 
raised,  extraction  did  not  follov;  equation  (5-12).   In  order  to  find  the 
relationship  between  the  extraction  coefficient,  the  initial  concentra- 
tion of  MDEHPA,  and  the  aluminum  extracted,  a  least  squares  regression 
analysis  was  preformed  on  the  data  of  Figures  5-8  through  5-11  in  the 
region  where  extraction  was  not  represented  by  equation  (5-12) .   The 

multiple  regression  technique  used  to  describe  how  the  dependent  vari- 

St- 
able, E  °,  was  related  to  the  two  independent  variables,  MDEHPA  and  Al 

(org)  was  an  extension  of  simple  regression  analysis.   Geometrically,  the 

regression  equation  vjas  a  plane  in  three-dimensional  space.   For  any  com- 

3+ 
bination  of  1-IDEHPA  and  Al   (org),  the  expected  extraction  coefficient, 

E^°,  was  the  point  on  a  plane  given  by  MDEHPA  and  Al   (org).   The  coef- 
ficients of  the  independent  variables  were  found  by  minimizing  the  sum 
of  the  squares  difference  between  E^°  and  y  +  a (MDEHPA)  +  3 (Al   (org)). 
The  data  were  transposed  to  log  form  so  that  the  power  relationships 
between  the  variables  could  be  evaluated.   The  following  regression 
equation  from  the  data  of  Table  5-3  was  found.   The  correlation  coeffi- 
cient was  0. 88. 

log  Eg°  =   -0.81  +  1.87  log  (MDEHPA)  -  2.1  log  (Al"^) (org)  (5-13) 

Equation  (5-13)  has  been  rearranged  as  shown  in  equation  (5-14)  to  give 
the  desired  relationship. 
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TABLE  5-2 
MDEHPA  Extraction  of  Aluminum  -  Dimer  Reaction  Range 


MDEHPA 
M 

Feed  Al3+ 
rag/S, 

p-O 

a 

Al 

-'      extracted 

M 

Feed 

Raff inate 

0.1 

500 

81 

0.0185 

2.00 

1.34 

0.2 

1000   ^ 

140 

0.037 

2.00 

1.21 

0.3 

1500 

200 

0.055 

2.00- 

1.14 

0.4 

2000 

199 

0.074 

2.00 

1.07 
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TABLE  5-3 
MDEHPA  Extraction  of  Aluminum  -  Monoiner  Reaction  Rancre 


1-E)EHPA  Feed  Al^"^  gO  Extract  Al3+ 

M  ing/£  a  M 


0.1  750  6.0  0.024 

0.1  1000  2.8           ..  0.027 

0.2  1500  5.2  0.047 

0.3  2000  5.5  0.063 

0.4  3000  3.62  0.087 

0.4  4000  2.80  0.109 

0.4  5000  2.17  0.127 
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o   0.155(MDEHPA)^-^^  .   ^,_ 

(Al3+(org))2-l 


It  can  be  seen  from  this  equation  that  the  e>:traction  coefficient  was  pro- 
portional to  about  the  2nd  power  of  the  MDEHPA  concentration.   A  value  of 
2  would  be  expected  for  an  aluminum  reaction  with  the  monomer  form  of 
MDEHPA.   No  such  comparison  can  be  made  concerning  the  power  dependence 
of  the  aluminum  concentration  on  the  extraction  coefficient  because  E. 


'a 
and  Al"^'  (org)  are  mutually  dependent  variables,  in  that  E  °  contains  an 


3+,  __s  .  _.,__  ..^_^. .,,_,__   ._  ..,  .  .  o 


3+ 
Al   (org)  term.   Therefore,  the  coefficient  of  the  regression  equation 

cannot  be  used  to  give  insight  into  the  relationship  between  E  °  and 

3+ 
Al   (org) .   It  was  not  possible  to  monitor  the  hydrogen  ion- concentra- 
tion increase  due  to  the  reaction  represented  in  equation  (5-9)  because 
of  the  buffer  capacity  of  the  aqueous  phosphate  solution.   Therefore,  in 
order  to  further  test  the  validity  of  equation  (5-12)  at  dimer  loading, 
a  titration  curve  was  performed  on  the  MDEHPA  kerosene  solution.   Sodium 
hj'droxide  was  added  to  0.12  M  I^IDEHPA  and  the  solution  potential  and 
aqueous  pH  were  monitored.   The  titration  curve  is  shown  in  Figure  5-13. 
A  total  of  0.07  equivalents  of  OH  were  found  to  be  needed  to  equalize 
the  MDEHPA,  when  the  l^IDEHPA  reacted  as  a  dimer.   Therefore,  0.023  M  Al 
should  be  extracted  by  0.12  M  MDEHPA.   By  referring  to  Figure  5-12  it 
can  be  seen  that  a  0.12  M  MDEHPA  extracted  0.022  M  Al   ,  very  close  to 
the  expected  value,  showing  further  validity  for  equation  (5-12).   It 
was  concluded  that  up  to  an  aluminum: MDEHPA  ratio  of  0.185:1  the  MDEHPA 
reacted  as  a  dimer.   Up  to  this  ratio  the  extraction  coefficient  was 
very  high.   Beyond  the  molar  ratio  of  0.185:1,  the  MDEHPA  reacted  as  a 
monomer.   Correspondingly,  the  extraction  coefficient  was  significantly 
reduced.   It  was  expected  that  the  reaction  would  change  from  dimer  to 
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monomer  at  an  A1:MDEHPA  molar  ratio  of  0.25:1.  This  disagreement  between 
experimental  results  end  theoretically  expected  results  may  be  due  to 
the  fact  that  the  MDEHPA  was  not  purified  prior  to  use.   The  molarity 
may  well  have  been  belovj  that  which  has  been  used  in  these  calculations. 
Both  the  aluminum  extraction  results  and  the  acid  neutralization  results 
indicated  that  the  MDEHPA  stock  solution  was  probably  not  at  100%  purity. 
Stauffer  Chemicals  reported  the  minimum  acid  number  of  MDEHPA  to  be  280. 
The  acid  number  is  generally  defined  as  the  number  of  milligrams  of  KOH 
required  to  neutralize  one  gram  of  acid.   This  acid  number  corresponds 
to  1.33  moles  of  H  per  mole  of  MDEHPA.   A  100%  pure  solution  would 
have  1.50  moles  of  H^  per  mole  of  MDEHPA.   The  reported  purity  would 
therefore  only  be  88%.   In  this  work  the  purity  was  found  to  be  about 
74%. 

5-3  Mechanism  of  Aluminum  Extraction  by  an  Equal  Molar  Solution  of  Mono- 
and  Di(2-ethylhexyl)  Phosphoric  Acid 

The  conventional  approach  to  describing  metal  extraction  by  alkyl 

phosphates  has  been  presented  in  Chapter  3.   As  was  pointed  out  several 

discrepancies  have  existed  in  the  literature  when  data  were  applied  to 

the  theory.   A  different  theory,  which  helps  to  explain  some  of  the 

reported  data,  is  proposed  in  this  section.   This  theory  for  trivalent- 

metal  extraction  by  alkyl  phosphates  can  be  divided  into  three  sections: 

1)   existance  of  the  alkyl  phosphate  at  the  oil/v7ater  interface;  2) 

cccurance  of  the  chemical  reaction  at  the  interface;  3)   entrance  of 

the  metal-alkyl  phosphate  complex  into  the  kerosene  phase. 

5-3-1   Existance  of  the  alkyl  phosphate  at  the  interface 

I'/hen  alkyl  phosphoric  acids  are  placed  in  the  non-polar  solvent  such 
as  kerosene  with  an  oil/water  interface  present,  the  polar  group  on  the 
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alkyl  phosphoric  acid  will  enter  the  vjater  phase,  while  the  non-polar, 
hydrocarbon  group  remains  in  the  organic  phase.   This  action  is  typical 
of  surface-active  agents.   The  absorption  of  a  surface-active  acid  at 
the  oil/water  interface  has  been  shovm  to  behave  in  the  manner  as  de- 
scribed by  a  Gibbs  adsorption  isotherm.   Application  of  the  Gibbs  ad- 
sorption equation  leads  to  the  observation  that  if  the  interfacial  ten- 
sion decreases  with  concentration  of  surface-active  agent  then  the  surface- 
active  agent  is  being  concentrated  at  the  surface,  which  is  the  case  for 
positive  surface  adsorption.   Gibbs  isotherm  can  be  expressed  as 


T^   =  -  i_-il_  ■        (5-15) 

s      RT  olnC 


where,  T^   --    the  excess  surface  concentration, 

Y  =  the  surface  tension, 

C  =  the  concentration  of  solute, 

T  =  the  absolute  temperature, 

R  =  the  molar  gas  content . 
It  has  been  established  [59,  60,  61]  that  as  the  concentration  of  an  alkyl 
phosphoric  acid  increases,  the  surface  tension  decreases,  indicative  of 
interface  absorption  of  alkyl  phosphates.   The  equation  can  be  put  into 
practice  by  determining  experimentally  the  area  per  solute  molecule  at 
the  oil/water  interface  for  a  given  Fg ,  such  that 


10^ 

r  1-3 

s 


where,   A  =  area  per  molecule,  A  /molecule. 


(5-16) 


an 


n 

r_  =  surface  concentration,  moles/cm  , 

23 
d     N  =  Avogadro's  number,  6.023  x  10   molecules/mole, 
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Limiting  areas  per  molecule  can  be  found  by  the  use  of  pressure  area 
curves,  where  the  surface  pressure  is  defined  as  the  decrease  in  inter- 
facial  tension  due  to  the  presence  of  the  solute.   Surface-active  agents 
of  less  than  about  14  carbon  atoms  in  chain  length  are  usually  too 
soluble  for  surface  tension  studies  on  a  Langruuir  trough.   As  the  sur- 
face pressure  increases,  the  short  chain  length  molecules  are  forced  into 
the  water  phase,  making  it  difficult  to  obtain  accurate  limiting  molec- 
ular area  data.   Ethylhexyl  phosphoric  acid  is  therefore  too  soluble  to 
obtain  accurate  data.   To  alleviate  the  solubility  problem,  Hunt  [59] 
found  the  limiting  areas  for  mono-  and  distearyl  (octadecyl)  phosphate, 
monobehenyl  (docosyl)  phosphate,  and  dicetyl  (hexadecyl)  phosphate.   The 

limiting  area  per  molecule  for  dialkyl  phosphate  acids  was  in  the  range 

°2 
of  41-42  A  and  the  limiting  area  for  monoalkyl  phosphate  acids  was 

°2 
about  25  A  .   The  limiting  area  for  shorter  chain  length  molecules  was 

even  less  than  these  values,  perhaps  due  to  some  water  solubility. 

Parreira  [60]  found  the  limiting  area  per  molecule  for  monooctadecyl 

phosphoric  acid  to  be  25  A  .   He  reported  that  these  values  are  very 

close  to  values  predicted  by  molecular  models.   It  would  be  expected 

that  the  limiting  area  for  mono-di (2-ethylhexyl)  phosphoric  acid  would 

Oy  Oy  Oj 

be  near  the  average  of  40  A  and  25  A  ,  or  32  A  .   By  finding  the  total 
oil/water  interfacial  area  available  during  the  aluminum  extraction,  it 
would  be  possible  to  determine  what  percentage  of  the  total  alkyl  phos- 
phate existed  at  the  kerosene/water  interface.   An  attempt  was  therefore 
made  to  determine  the  droplet  size  by  microscopic  measurements  as  out- 
lined in  Chapter  4. 

The  smallest  emulsion  droplets  that  could  be  measured  with  the  micro- 
scope used  were  0.6  y  diameter.   Emulsion  drops  were  formed  by  mixing  a 
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solution  of  0.1  M  MDEHPA  with  distilled  water.   A  vjater-soluble  dye  was 
used  to  help  distinguish  the  oil  droplets  from  the  water  phase.   The 
microscope  XvJas  prefocused  so  that  rapid  size  determinations  could  be 
made.   All  emulsions  were  of  the  oil  in  water  type.   When  emulsion  drop- 
lets were  placed  on  the  microscope  slide,  it  was  immediately  evident 
that  the  drops  were  smaller  than  the  lower  limit  of  the  microscope. 
Very  rapid  coalescence  took  place  so  that  within  a  few  minutes  coales- 
cence was  complete.   The  droplets  were  not  observed  at  a  coalescence 
time  of  zero,  and  smaller  droplets  than  those  observed  were  probably 
present  in  the  mixing  vessel.   Initial  coalescence  was  so  rapid  that  it 
was  not  possible  to  obtain  a  droplet  size  vs.  time  plot  for  extrapola- 
tion back  to  zero  time.   With  the  equipment  employed  it  was  only  possible 
to  make  rough  estimates  of  the  droplet  sizes.   Gumprech  and  Sliepcevich 
[62]  used  a  light  scattering  technique  to  measure  kerosene  droplet  size 
when  sprayed  at  700  psi.   The  resulting  Gaussian  size  distribution  is 
shown  in  Figure  5-14.   They  found  an  average  drop  size  of  about  4  y. 
The  presence  of  surface-active  alkyl  phosphate  would  be  expected  to 
reduce  this  value  significantly.   VJhen  surf ace -active  agents  with  strong 
polar  groups  are  dissolved  in  a  non-polar  solvent  such  as  kerosene  and 
the  solvent  is  then  placed  in  contact  with  water  and  mixed,  the  solution 
is  most  stable  when  the  surface  area  is  such  that  all  the  surface-active 
agent  exists  at  the  interface,  with  its  polar  group  in  the  aqueous  phase. 
The  droplets  in  this  research  xvere  observed  to  be  clearly  less  than  0.6 
\i.      If  the  droplets  are  assumed  to  be  0.3  p,  then  it  was  calculated  that 

all  of  a  0.1  M  solution  of  mono-di(2-ethylhexyl)  phosphoric  acid  existed 

°2 
at  the  oil/water  interface,  using  an  assumed  area/molecule  of  32  A  , 

Gershfeld  and  Pak  [61]  made  surface  viscosity  measurements  of  mono- 

octadecyl  phosphoric  acid  (MOPA)  at  the  air/water  interface  and  concluded 


Figure  5-14.   Droplet  Size  Frequency  Distribution  for  Kerosene 
Sprayed  at  700  psi. 

Source:   Osipow,  L.  I. ,  Surface  Chemistry,  Robert 

Krieger  Publishing  Co.,  N.Y,,  1972,  p.  303. 
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that  the  MOPA  formed  aggregates  at  the  interface.   Viscosity  increased 
with  time,  indicating  that  further  polymerization  of  the  MOPA  at  the 
interface  was  taking  place.   In  a  solid  crystal  of  MOPA,  packing  favored 
a  dimer  as  shown  in  Figure  5-15a.   The  structure  of  an  interfacial  sur- 
face containing  MOPA  is  shown  in  Figure  5-15b  where  hydrogen  bonding  was 
taking  place.   As  the  pH  of  the  aqueous  solution  was  increased,  the 
change  in  surface  viscosity  decreased  with  time.   This  may  have  been  due 
to  the  repulsive  forces  which  developed  as  MOPA  Ionized.   Greshfeld  and 
Pak  [61]  also  pointed  out  that  the  monolayer  was  the  more  favored  state 
than  was  the  crystal  of  MOPA.   The  assumption  that  all  or  most  of  the 
MDEHPA  existed  at  the  oil/water  interface  during  dispersion  mixing  is 
probably  valid  based  on  the  reported  surface  chemistry  data  and  the 
findings  of  this  research. 

5-3-2  Chemical  reaction  at  the  interface 

Most  of  the  MDEHPA  that  was  involved  in  aluminum  extraction  was  con- 
cluded to  exist  at  the  kerosene/water  interface  if  the  mixing  rate  was 
high  enough  to  form  droplets  in  the  0.1  y  to  1  p  range.   The  pKg  of 
di(2-ethylhexyl)  phosphoric  acid  has  been  reported  to  be  1.3  [63].   The 
mono-di(2-ethylhexyl)  phosphate  mixture  would  have  a  slightly  higher 
pK,  but  a  large  portion  of  the  acid  would  be  unprotonated  even  at  an 
aqueous  pH  of  2.0.   Previous  research  has  found  that  aluminum  extraction 
took  place  only  when  the  alkyl  phosphate  was  ionized  [63].   From  the 
titration  diagram  of  Figure  5-13,  a  pK  of  2.3  was  calculated,  but  this 
method  for  determining  pK  has  been  reported  to  give  high  values  [63]. 
A  high  degree  of  ionization  of  the  alkyl  phosphate  would  be  expected  at 
a  pH  of  2.0.   The  pH  at  the  oil/water  interface  (pHg)  is  usually  much 
lower  than  the  bulk  phase  pH  when  alkyl  phosphoric  acids  are  present 


Figure  5-15.   Hydrogen  Bonding  for  Monoalkyl  Phosphoric  Acids. 

a.  DiiTier  hydrogen  bonding 

b.  Hydrogen  bonding  at  the  oil/water  interface 
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because  the  interface  has  a  high  negative  potential  which  attracts  hydro- 
gen ions.   The  surface  pH  is  related  to  the  bulk  pH  by  [45], 

pH^  =  pH  + (5-17) 

^   ^        ^  2.303kT  ^    ^ 

vjhere,    pHg   =    the   surface  pH, 

pH  =    the  bulk  pH, 

'^Q   =  the  surface  potential, 
and,     k  =  Boltzmann's  constant. 

Only  when  Y^  =  0  will  the  surface  pH  and  bulk  pH  be  equal.   If  ":'   is  neg- 
ative, as  in  the  case  of  alkyl  phosphoric  acid  monolayers,  pH  <pH  because 
the  charge  attracts  hydrogen  ions  into  the  vicinity  of  the  surface.   The 
surface  pH  can  be  2-4  units  below  the  bulk  pK  [45].   Cations  other  than 
hydrogen  V7lll  also  be  attracted  to  the  surface.   These  counter-ions 
often  collect  to  such  a  large  extent  as  to  reverse  the  charge  near  the 
surface.   Counter-ions  will  be  attracted  to  the  alkyl  phosphate  interface 
by  both  the  ionization  charge  and  by  the  energy  of  polarization  of  the 
polar  group.   The  higher  the  valency  of  the  counter-ion,  the  less  con- 
centration is  needed  to  neutralize  the  surface  charge.   According  to  the 
Schulze-Hardy  rule  the  concentrations  of  monovalent,  divalent,  and  tri- 

valent  cations  needed  to  neutralize  the  charge  on  a  negative  survace 

-2   -3 
vary  approximately  in  the  ratio  1:10   :10   .   On  a  negatively  charged 

phosphate  surface  other  researchers  [45]  found  that  the  negative  charge 
was  just  compensated  by  0.15  N-Ag  .   Higher  concentrations  of  Ag  were 
found  to  impart  a  net  positive  charge  to  the  surface.   From  the  Schulze- 
Hardy  rule  the  expected  aluminum  concentration  necessary  to  equalize 
the  negative  charge  would  be  0.15  x  10   N.   In  this  metal  extraction 
process  the  aluminum  concentration  was  above  that  needed  for  charge 
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neutralization  of  the  emulsion.   The  counter-ions  are  very  rapidly 
attracted  to  the  charged  phosphate  surface.   Langmuir  and  Schaefer  [6''i] 
studied  a  monolayer  of  stearic  acid  spread  over  very  dilute  unstirred 
solutions  of  aluminum  ions,  and  it  was  assum.ed  that  every  ion  of  aluminum 
that  arrived  at  the  interface  reacted  to  form  aluminum  stearate.   Ivlien 
the  aluminum  concentration  was  above  10   M,  the  rate  at  which  the  stearic 
acid  monolayer  was  converted  to  the  aluminum  salt,  and  thereby  the  rate 
of  aluminum  arrival  at  the  interface,  was  too  fast  to  be  measured. 

The  oil/water  interface  at  time  zero  is  represented  in  Figure  5-1 6a. 
The  aluminum  exchanges,  for  hydrogen,  as  sho\<m  in  Figure  5-1 6b.   Rosano 
et  al.  [55]  studied  the  transfer  of  K  and  Na  by  several  '^'carriers ," 
laurlc  acid,  an  equal  molar  mixture  of  mono-  and  dilauryl  phosphoric 
acids,  dodecylamine ,  stearic  acid,  and  dicetyl  orthophosphate  through 
1-pentanol.   Dicetyl  orthophosphate,  stearic  acid  and  lauryl  phosphoric 
acids  vjere  able  to  transfer  10,  20  and  20  mI-I/£  K   respectively  in  24 
hours  at  a  pH  of  11.   The  data  presented  in  Rosano 's  study  can  be  inter- 
preted to  show  support  for  an  interface  reaction.   Potassium  laurate 
(KL)  alone  was  found  to  have  a  critical  micelle  concentration  (CMC) ,  of 
0.02  M,  indicative  of  the  concentration  above  which  KI^  would  no  longer 
accumulate  at  the  interface.   When  cetyl  trimethyl  ammonium  bromide 
(CTAB)  was  added  to  the  solution,  the  CMC  dropped  to  5  x  10~   M.   Rosanc's 
findings  have  been  schematically  represented  in  Figure  5-17.   If  the  CMC 
^-aried  as  the  m.olar  ratio  of  KL  to  CTAB  varied,  the  dashed  line  would 
have  been  followed.   However,  a  small  addition  of  CTAB  to  KL  dropped  the 
CMC  to  near  that  of  pure  CTAB.  .Therefore,  in  the  presence  of  CTAB,  KL 
did  not  absorb  to  an  appreciable  extent  at  the  interface.   Correspond- 
ingly, Rosano  found  that  the  K   transfer  dropped  from  25ml'I  in  24  hours  ;it 
pH  11  without  addition  of  CTAB  to  near  zero  when  CTAB  was  added  at  a 


Figure  5-16.   Schematic  Diagram  of  Proposed  Mechanism  of  Aluminum 
Extraction  by  lOEHPA. 

a.  Kerosene  droplet  in  continuous  water  phase. 
Kerosene /v/ater  interface  prior  to  reaction 
with  aluminum. 

b.  Kerosene  droplet  in  continuous  V7ater  phase. 
Kerosene/water  interface  after  reaction  with 
aluminum. 

c.  Kerosene/water  interface  without  irdxing. 
Aluminum-^IDEHPA  complex  in  bulk  kerosene 
phase. 
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Figure  5-17.   Effect  of  Cetyl  Trimethyl  Ammonium  Bromide  (CTAB) 
on  Critical  Micelle  Concentration  (CMC)  of 
Potassium  Laurate  (KL) . 

Source:   Rosano,  H.  L.,  Breindel,  K. ,  Schulman, 
J.  H.  ,  Eydt,  A.  J.,  "Mechanism  of  Ionic  Exchange 
with  Carrier  Molecules  through  Non-aqueous  Liquid 
Membranes,"  J.  Coll.  Inter.  Sci.,  22,  63  (1966). 
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KL:CTAB  molar  ratio  of  1:10   .   Similar  results  were  found  for  lauryl 

phosphoric  acid,  dicetyl  phosphoric  acid,  and  stearic  acid.   Transfer 
vjould  also  be  expected  to  be  inhibited  by  the  CTAB-KL  lon-dipole  inter- 
action.  The  data  can  be  extrapolated  to  conclude  that  in  this  research 
the  alkyl  phosphate  had  to  be  at  the  interface  in  order  to  react  with 
the  aluminum. 

Further  supportive  evidence  for  the  interface  reaction  theory  can 
be  found  in  the  literature.   Roddy  et  al.  [43]  found  that  under  condi- 
tions of  constant  interfacial  area,  stirring  speed  did  not  effect  the 
rate  of  extraction.   However,  when  stirring  speed  and  interfacial  area 
increased  linearly,  the  rate  of  extraction  of  iron  (III)  by-  DEHPA  also 
increased  linearly.   In  the  case  when  the  interfacial  area  was  constant, 
the  amount  of  DEHPA  in  contact  with  the  aqueous  phase  also  remained  con- 
stant with  an  Increase  in  stirring  speed.   Since  the  DEHPA  at  the  inter- 
face remained  constant,  the  reaction  was  not  affected  by  stirring  speed. 
However,  when  the  interfacial  area  was  allowed  to  increase,  the  am.ount 
of  DEHPA  at  the  interface  increased  and  therefore  the  rate  of  iron  ex- 
traction increased.   Roddy  et  al.  [43]  found  that  under  quiescent  inter- 
face conditions,  the  rate  of  iron  extraction  was  limited  by  a  build-up 
of  iron  at  the  interface.   This  can  be  explained  by  the  fact  that  the 
limited  amount  of  DEHPA  present  at  the  interface  reacted  with  the  iron. 
The  complex  was  still  polar  and  therefore  remained  at  the  interface 
which  inhibited  additional  DEHPA  from  approaching  the  interface,  cor- 
respondingly inhibiting  iron  extraction.   I-Jhen  the  solution  was  dis- 
persed, the  iron  build-up  at  the  interface  was  not  rate  limiting.   This 
was  because  under  rapid  mixing  conditions  the  surface  area  was  much 
greater,  so  that  most  of  the  DEHPA  was  already  at  the  interface,  and 
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therefore  iron-DEHPA  complex  build-up  at  the  interface  would  not  limit 
the  rate  of  extraction. 

Kolarik  and  Pankova  [53]  found  that  increased  branching  of  the  alkyl 
phosphate  decreased  metal  extraction.   An  explanation  for  this  has  pre- 
viously not  been  available.   Increased  branching  increases  the  lim.iting 
area  per  molecule  and  therefore  decreases  the  amount  of  alkyl  phosphoric 
acid  that  can  exist  at  the  surface  for  a  given  interfacial  area.   As  the 
alkyl  phosphate  at  the  surface  decreases,  extraction  will  decrease.   Kolarik 
and  Pankova  [53]  also  found  that  increased  chain  length  had  little  effect 
on  extraction.   An  increase  in  chain  length  slightly  enhanced  extraction 
of  lanthanum  and  cerium  and  slightly  decreased  extraction  of  lutecium. 
Increased  chain  length  would  have  little  effect  on  the  limiting  area  per 
molecule,  and  therefore  little  effect  on  extraction. 

5-3-3   Entrance  of  the  metal  complex  into  the  kerosene  phase 

After  the  aluminum  ion  has  been  exchanged  for  hydrogen  ion  at  the 
oil/water  interface,  one  of  three  possibilities  takes  place  resulting  in 
the  formation  in  Figure  5-16c.   1)  The  aluminum-MDEHPA  complex  is  imme- 
diately transferred  into  the  kerosene  phase.   2)  One  third  of  the  MDEHPA 
becomes  aqueous  soluble  and  forms  a  "sandwich"  at  the  interface,  which 
either  enters  the  bulk  immediately  or  remains  at  the  interface  until 
mixing  stops.   In  either  case,  1)  or  2)  of  the  above,  rapid  coalesence 
will  occur,  because  the  kerosene  droplets  have  hydrocarbon  interfaces. 
3)  The  aluminum->IDEHPA  remains  at  the  interface  vjithout  sandwich  forma- 
tion. 

In  case  1  it  can  be  assumed  that  the  aluminum  would  have  reacted 
with  only  two  alkyl  phosphate  groups  before  entering  the  organic  phase, 
leaving  it  with  a  net  +1  charge.   Roddy  et  al.  [43]  found  that  the 
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reaction  of  iron  (III)  with  the  third  alkyl  phosphate  did  not  effect  the 
rate,  and  concluded  that  (iron-DEHPA)    was  rapidly  transferred  into  the 
organic  phase.   Hunt  [59]  also  concluded  that  the  third  alkyl  phosphate 
does  not  react  with  a  trivalent  ion  because  there  is  not  enough  room  at 
the  interface  for  all  three  alkyl  phosphates  to  react  with  the  small 
ionic-radius  trivalent  elements;  hovjever.  Hunt  proposed  the  sandwich 
theory  for  reaction  at  a  monolayer. 

Hunt  [59]  studied  the  mechanism  of  trivalent  metal  ion  extraction 
by  monolayers  of  alkyl  phosphates.   It  was  found  in  extraction  of  some 
of  the  metals,  that  the  limiting  area  per  molecule  dropped  by  one-third. 
Monoalkyl  phosphates  exhibited  this  behavior  with  all  the  rare  earth 
metals  studied,  while  dialkyl  phosphates  exhibited  this  behavior  only 
with  heavier  rare  earth  ions.   The  monolayers  were  also  studied  by  elec- 
tron micrographs  to  explain  the  reduction  in  limiting  area  per  molecule. 
It  was  concluded  that  one-third  of  the  molecules  had  been  pulled  out  of 
the  surface  film  into  the  aqueous  phase  to  form  a  "sandwich"  with  the 
metal  ions  in  the  middle.   Two  polar  groups  of  alkyl  phosphate  would 
react  with  the  aluminum  at  the  interface.   A  third  alkyl  phosphate 
would  "flip"  out  of  the  organic  phase  and  react  with  the  aluminum's 
third  available  +1  charge.   The  polar  group  of  the  third  alkyl  phosphate 
would  orient  itself  with  its  polar  group  facing  the  oil  emulsion  and 
with  the  aluminum  ion  in  the  middle.   Hence,  the  terminology  "sandwich" 
layer  formation.   In  a  tightly  packed  dialkyl  monolayer  the  phosphate 
groups  v;ould  be  held  apart  because  the  two  alkyl  groups  per  molecule 
occupied  a  larger  area  than  the  phosphate  group.   Small  ions  of  higher 
charge  density,  which  would  require  shorter  m.etal-oxygen  bonding,  would 
not  be  satisfied  by  the  phosphate  packing  imposed  by  the  monolayer,  and 
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would  force  one-third  of  the  molecules  into  the  aqueous  solution.   Hunt 
supported  the  sandwich  layer  hypothesis  by  the  following  evidence: 

1)  Distearyl  phosphate  was  more  organophilic  than  dicetyl  phosphate 
and  should  require  ions  of  higher  charge  density  to  cause  the  alkyl  phos- 
phate to  enter  the  aqueous  phase.   This  result  was  found. 

2)  Monobehenyl  phosphate  shovjed  sandwich  layer  formation  with  both 
light  (lanthanum)  and  heavy  (thulium)  rare-earths.   Monobehenyl  phosphate 
was  much  more  hydrophilic  than  the  dialkyl  phosphates  above;  and  therefore 
should  be  more  easily  forced  into  the  aqueous  phase.   It  was  found  that 
both  ions  of  large  and  small  charge  densities  caused  sandwich  formations. 

3)  Electron  micrographs  showed  that  ytterbium-dicetyl  phosphate 
monolayers  (which  formed  sandwich  layers)  were  considerably  thicker  than 
lanthanum-dicetyl  phosphate  monolayers  (which  did  not  demonstrate  sand- 
wich formation) . 

The  alkyl  phosphate  used  in  this  research,  MDEHPA,  was  more  aqueous 
soluble  than  any  of  the  alkyl  phosphates  studied  by  Hunt.   It  should 
therefore  form  a  sandv7ich  layer  more  easily  than  those  alkyl  phosphates 
studies  by  Hunt.   Aluminum  has  a  relatively  high  charge  density  and  may 
therefore  force  the  formation  of  a  sandwich  layer  very  similar  to  the 
sandwich  layer  formed  by  ytterbium  in  Hunt's  vjork.   \vhen  the  mixer  is 
turned  off,  the  oil/water  surface  area  would  be  reduced  by  several 
orders  of  magnitude,  thereby  forcing  the  aluminum-MDEHPA  sandwich  layer 
into  the  bulk  organic  solution. 

In  case  3  the  aluminum-I-IDEHPA  was  assumed  to  remain  at  the  inter- 
face without  sandwich  formation.   The  kerosene  droplets  would  have  polar- 
polar  interfaces  and  tend  to  resist  coalescence.   The  third  case  is  the 
least  likely  of  the  three,  in  view  of  the  rapid  coalescence  which  is 
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observed.  Surfaces  which  are  ionically  charged  tend  to  repel  each  other. 
It  has  been  shovm  [65]  that  surface-active  agents  such  as  sodium  iauryl 
sulfate  develop  very  high  surface  potentials,  in  the  range  of  500-600  mv. 
A  high  surface  charge  can  inhibit  coalescence  by  repulsion  of  the  tv7o  oil 
droplets.  The  emulsion  droplets  behave  similarly  to  that  expected  by  the 
double-layer  theory.  Davies  and  Rideal  [45]  found  the  follov;ing  equation 
to  be  valid  for  the  rate  of  coalescence  of  charged  emulsion  drops 

Rate  =  Ae-0-2^^o^/RT  (5_18) 

where  A  is  the  coalescence  rate  of  an  unstablized  emulsion  with  "t'q  =  0, 
and  ^      is  the  surface  potential  in  millivolts.   It  can  be  seen  that  the 
rate  of  coalescence  decreases  exponentially  with  ¥   .   In  this  research 
it  was  found  that  at  aluminum:MDEHPA  ratios  of  below  1:10,  the  aqueous 
phase  became  very  cloudy  after  mixing,  indicative  of  stable  emulsion  for- 
mation.  However,  as  a  higher  percentage  of  the  MDEHPA  was  reacted  with 
aluminum,  coalescence  took  place,  indicating  that  surface  charge  may  have 
inhibited  coalescence.   Parreira  [60]  found  that  the  surface  charge  for 
a  packed  monolayer  of  MOPA  was  between  250-300  mv  at  a  pH  of  3.3.   TThen 
the  MOPA  was  reacted  separately  with  divalent  uranium  and  with  divalent 
magnesium  the  surface  potential  dropped  drastically,  indicating  complex 
formation  and  charge  neutralization  of  the  interface.   Hovjever,  when  the 
MOPA  was  reacted  with  trivalent  aluminum  the  surface  potential  did  not 
decrease  and  in  fact  rose,  indicative  of  incomplete  charge  neutraliza- 
tion.  As  was  proposed  by  Hunt  [59],  the  aluminum  ion  could  not  be  com- 
pletely neutralized  due  to  steric  hindrance;  therefore  the  surface  poten- 
tial was  greater  with  aluminum  ions  than  with  hydrogen,  uranium,  or  mag- 
nesium ions.   The  aluminum  ions  were  in  large  excess  which  would  probably 
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have  prevented  "sandwich  layer''  formation  of  an  exact  ratio  of  3:1  for 
MOPA: aluminum.   It  is  not  likely  that  the  +1  complex  rem.ains  at  the  oil/ 
water  interface  due  to  the  instability  of  the  high  surface  charge. 

It  is  more  difficult  to  determine  whether  case  1)  or  2)  is  the  pre- 
dominating mechanism  for  aluminum-MDEHPA  transfer  into  the  bulk.   If  the 
rapid  (aluminum-MDEHPA)    desorption  theory  is  followed  as  assumed  in 
case  1) ,  the  total  energy  required  for  bulk  transfer  is  that  necessary 
to  absorb  three  phosphate  polar  groups,  two  of  which  are  covalently 
bonded  to  aluminum,  and  a  third  which  must  absorb  in  order  to  complete 
the  reaction,  and  a  singlely  charged  aluminum  ion.   The  energy  to  absorb 
a  polar  group  of  the  type  =P(0)(OH)  at  the  oil/vjater  interface  is  11,000 
cal/mole  [63] .   The  energy  to  remove  a  single  charge  depends  upon  the 
surface  potential.   For  a  sodium  lauryl  sulfate  solution  (-SO,   group) 
which  has  not  been  neutralized  by  counter-ion  absorption,  the  required 
energy  for  desorption  is  5000  cal  [45].   From  these  very  rough  estimates 
the  total  energy  required  to  move  the  (aluminum-MDEHPA)    group  into  the 
kerosene  phase  is  36,000  calories/mole  (3(11,000)  +  5000).   In  case  2)  it 
would  be  expected  that  the  mono (2-ethylhexyl)  phosphoric  acid  would  be 
desorbed  into  the  water  for  sandwich  layer  formation  as  it  is  much  more 
water  soluble  than  di  (2-ethylhexyl)  phosphoric  acid.   Mono(2-ethylhexyl) 
phosphoric  acid  has  8-CH2-groups  per  molecule.   The  energy  required  to 
remove  one-CH^-group  from  a  non-polar  solvent  into  water  is  860  calories/ 
mole  [45]  .   The  total  energy  required  to  form  a  sandwich  would  be  about 
6880  cal/mole  (8(860)).   While  this  analysis  cannot  be  considered  con- 
clusive, it  does  indicate  that  the  sandx'jich  layer  concept  may  be  the 
favored  mechanism. 
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5-3-4   Summary  of  proposed  mechanism  for  aluminum  extraction  by  MDEHPA 
The  mechanism  can  be  summarized  as  follovjs: 

1)  All  the  MDEHPA  that  extracted  aluminum  existed  at  the  oil/water 
interface. 

2)  The  MDEHPA  ionized,  which  in  turn  attracted  aluminum  ion  to  the 
interface. 

3)  The  aluminum  reacted  with  MDEHPA  at  the  interface. 

4)  The  complex  entered  the  bulk  phase  either  immediately  after 
reaction  or  after  mixing  stopped.   The  absence  of  mixing  lowered  the 
interfacial  area  and  forced  the  complex  into  the  bulk  organic  phase. 
The  complex  entered  either  as  (aluminum-MDEHPA)    or  as  a  sandwich  layer 
complex. 

There  are  several  important  differences  between  the  proposed  theory 
for  metal  extraction  and  the  two-film  theory.   First,  diffusion  of  the 
alkyl  phosphate  to  the  interface  could  be  ignored,  as  most  of  the  alkyl 
phosphate  already  existed  at  the  interface  prior  to  m.etal  extraction. 
Diffusion  of  aluminum  to  the  interface  was  controlled  primarily  by  the 
large  negative  surface  potential. 

It  can  be  concluded  that  in  mixed,  metal  extraction  systems  the 
metal  diffusion  to  the  interface  was  not  rate  limiting.   Reaction  then 
took  place  at  the  interface.   The  interface  was  not  at  equilibrium  as 
assumed  in  the  two-film  theory,  but  the  reaction  was  taking  place  in 
order  to  bring  the  interface  to  equilibrium.   The  rate  of  aluminum  ex- 
traction was  dependent  upon  the  kinetics  of  the  chemical  reaction.   After 
chemical  reaction  took  place,  whether  the  aluminum-MDEHPA  complex  formed 
a  sandwich  layer  and  remained  at  the  interface,  or  the  complex  imiriediately 
moved  into  the  kerosene  bulk  had  no  effect  on  the  rate  of  extraction  as 
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long  as  all  the  MDEHPA  existed  at  the  Interface  initially.  The  complex 
did  not  h&ve  to  leave  the  interface  to  make  room  for  approaching  KDEHPA 
as  was  assumed  in  the  two-film  theory. 

5-4   Stripping  of  Aluainum-Mono-Di (2-ethylhexyl)  Phosphoric  Acid 

The  aluminum  can  be  stripped  from  the  kerosene  by  either  acid  or 
alkali.   Alkalis  that  have  been  used  for  stripping  include  sodium  hydroxide 
and  sodium  carbonate.   UTien  aluminum  is  stripped  by  an  alkali  the  recov- 
ered aluminum  is  in  the  form  of  sodium  aluminate.   Since  sodium  aluminate 
has  had  mixed  success  as  a  coagulant  for  suspended  solids  and  phosphate 
removal,  the  alkali  method  was  not  attempted  in  this  research.   Aluminum 
can  be  stripped  by  either  sulfuric  acid  or  hydrochloric  acid.   One  of 

the  objectives  of  the  stripping  circuit  was  to  concentrate  the  aluminum 

3+ 
solution  as  much  as  possible,  but  not  above  5.4%  Al    (about  the  same 

as  commercial  liquid  alum) .   A  6  N  H2SO4  or  HCl  solution  could  theoret- 
ically react  with  6  equivalents  or  54  grams  of  aluminum  (a  5.4%  solu- 
tion).  The  organic:acid  phase  ratio  was  adjusted  to  give  the  highest 
concentration  of  aluminum  below  54  grams.   The  maximum  phase  ratio  used 
in  this  research  was  15:1  because  volumes  could  not  be  controlled  at 
larger  ratios.   For  example,  if  the  organic  phase  contained  1000  mg/£ 
aluminum,  the  phase  ratio  was  controlled  at  15:1,  resulting  in  a  maxi- 
mum concentration  of  15,000  mg/Jl  aluminum.   If  the  organic  contained 
5400  mg/£  aluminum,  the  phase  ratio  V7as  10:1,  therefore  limiting  the 
maximum  concentration  to  54,000  mg/2,. 

This  set  of  experiments  was  designed  to  test  acid  stripping  as  a 
function  of  HCl  vs.  H2SO/,  acid  normality,  and  phase  ratio.   A  0.1  M 
MDEHPA  solution  was  contacted  with  1000  mg/ij,  (0.037  M)  aluminum  and  620 
mg/2,  (0.02  M)  phosphate  at  a  feed  pH  of  2.0.   The  organic: feed  phase 
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ratio  was  1:1.   A  total  of  620  ng/l    (0.023  M)  aluminum  was  extracted. 
The  oi-ganic  solution  of  0.1  M  IIDEHPA  and  0.023  M  aluminum  was  contacted 
at  a  nixing  time  of  10  minutes  with  sulfuric  acid  and  hydrochloric  acid 
at  different  normalities  and  organic:acid  phase  ratios.   The  results  are 
shown  in  Table  5-4.   Sulfuric  acid  gave  better  stripping  results  than 
did  hydrochloric  acid  at  6  N.   Since  sulfuric  acid  is  generally  less 
expensive  than  hydrochloric  acid,  sulfuric  acid  was  the  choice  for  a 
stripping  agent.   Within  experimental  error  6  N  and  10  N  H2S0^  had  the 
same  stripping  coefficients.   The  maximum  aluminum  concentration  that 
was  desired  V7as  54  grams  per  liter,  which  can  theoretically  be  achieved 
with  6  N  H  SO  .   Therefore,  there  is  no  benefit  in  using  lO^'N  H,SO,. 
The  higher  phase  ratios  had  a  lower  stripping  coefficient.   This  indi- 
cated that  contact  w^as  not  complete  at  the  higher  phase  ratio  and  a 
longer  residence  time  may  have  been  needed.   At  an  organic: acid  phase 
ratio  of  5:1,  96%  of  the  aluminum  was  stripped  with  a  concentration 
factor  of  4.84;  at  ratio  of  10:1,  92%  of  the  aluminum  was  stripped 
with  a  concentration  factor  of  9.2;  and  at  ratio  of  15:1,  81%  of  the 
aluminum  was  stripped  with  a  concentration  factor  of  12.1. 
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TABLE  5-4 
Stripping  of  0.1  M  MDEHPA  Containing  0.023  M  Aluminum 


Sample 

A( 

;id 

Ph 
or 

ase  Ratio 
ganic :acid 

Extract  Al 
millimoles 

Millimole  Al"^ 
stripped 

s^ 

1 

6 

N 

H2SO4 

5:1 

0.575 

0.555 

27.6 

2 

6 

N 

H2SO4 

^ 

10:1 

0.575 

0.527 

11.0 

3 

6 

N 

H2SO4 

15:1 

0.575 

0.4^2 

4.1 

4 

10 

N 

H2SO4 

5:1 

0.575 

0.555 

27.6 

5 

10 

N 

H2SO4 

10:1 

0.575 

0.535 

13.3 

6 

10 

N 

H2SO4 

15:1 

0.575 

0.476 

4.7 

7 

6 

N 

HCl 

5:1 

0.575 

0.453 

3.7 

8 

6 

N 

HCl 

10:1 

0.575 

0.482 

5.2 

9 

6 

N 

HCl 

15:1 

0.575 

0.436 

3.1 

CHAPTER  6 
ALUMINUM  RECOVERY  FROM  WASTEWATER  SLUDGE  FEED  SOLUTIONS 

This  chapter  is  divided  into  sections  pertinent  to  the  processes 
of  recovering  aluminum  from  sludges  produced  by  aluminum  coagulation  of 
secondary  effluent.   Section  one  discusses  sludge  solids  content,  thick- 
ening characteristics,  acidification,  settling,  filtration,  and  subse- 
quent percentage  of  aluminum  dissolution.   The  remaining  sections  dis- 
cuss aluminum  extraction  from  the  acidified  supernatant,  stripping  of 
the  aluminum  from  the  kerosene,  treatment  of  the  aqueous  phosphate 
solution  after  aluminum  rem.oval,  and  finally,  losses  of  organic  solution. 

6-1  Acidification  of  the  Aluminun-Phosphate-Organic  Sludge 

Chapter  2  has  described  the  characteristics  and  quantities  of  sludge 
produced  by  aluminum  addition  to  secondary  effluent.   It  was  theoreti- 
cally possible  to  calculate  the  quantity  of  inorganic  sludge  produced  if 
equation  (6-1)  predominated. 

3Al2(S04)-14H20  +  2H2P04~  +  2HP0^^~  =  2 (Al (OH) 2) 3HPO4H2PO4  (s) 

2- 
+  6H2SO4  +  3S04   +  3OH2O  (6-1) 

(Al(OH2)3HPO4H2P04  has  a  molecular  -.reight  of  376  so  that  4.64  milligrams 
of  sterrettite  were  theoretically  produced  per  milligram  of  aluminum 

added,  or  0.42  milligrams  of  sterrettite  per  milligram  of  alum,  added. 

3+ 
In  order  to  verify  equation  (6-1)  the  sludge  was  analyzed  for  Al    and 

total  inorganic  suspended  solids.   The  total  Al   was  400  mg/£  and  the 

corresponding  inorganic  solids  were  1900  mg/£.  This  resulted  in  an 
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aluminum  to  inorganic  solids ■ ratio  of  4.75  mg/mg,  very  close  to  the  ratio 
expected  for  the  production  of  sterrettite.   The  aluminum  and  the  phos- 
phate in  the  sludge  were  determined.   The  inorganic  solids  not  accounted 
for  by  70^   and  Al  were  assumed  to  be  the  OH  content  of  the  sludge.   By 
this  method  the  weight  ratio  of  the  inorganic  solids  was  0.211:0.494: 
0.295  for  A1:P04:0H.   Sterrettite  has  a  theoretical  A1:P04:0H  weight 
ratio  of  0.215:0.513:0.272.   For  a  200  mg/£  alum  dosage,  700  pounds  of 
inorganic  dry  weight  sludge  per  million  gallons  would  be  produced  based 
on  equation  (6-1).   If  the  dry  weight  sludge  was  50%  volatile  solids, 
then  the  total  sludge ^produced  would  be  1400  pounds  per  million  gallons. 
It  is  very  important  to  experimentally  determine  the  sludge  volum.es  pro- 
duced for  a  given  treatment  plant.   A  secondary  effluent  high  in  phos- 
phorus but  low  in  suspended  solids  and  color  would  produce  a  large 
amount  of  inorganic  sludge  but  very  little  organic  sludge.   Corres- 
pondingly, an  effluent  high  in  suspended  solids  vjould  produce  a  large 
quantity  of  organic  sludge.   Using  the  same  assumptions  as  above,  at  a 
60  rag/?,  alum  dose,  the  total  sludge  produced  would  be  400  pounds  per 
million  gallons. 

At  a  sludge  flew  equal  to  1%  of  the  University  of  Florida  treatment 
plant's  flow,  the  sludge  was  found  to  have  an  average  of  0.38%  total 
solids,  with  a  range  of  0.22%  to  0.59%  solids.   The  suspended  solids 
were  about  89%  of  the  total  solids.   Of  the  dry  weight  solids,  one-half 
was  found  to  be  volatile  when  60  mg/Jl  alum  was  used  for  phosphorus 
coagulation. 

Before  the  sludge  was  acidified,  it  was  thickened  in  order  to  further 
concentrate  the  aluminum  in  the  sludge.   In  a  2-liter  beaker,  1600  ml 
of  raw  sludge  were  stirred  at  7  rpm  using  a  Phipps  and  Bird  jar  stirrer. 
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The  initial  solids  content  of  the  sludge  was  0.22%.   After  two  hours  of 
thickening,  the  sludge  volume  was  400  ml,  a  75%  reduction  in  sludge  vol- 
ume.  The  corresponding  solids  content  of  the  sludge  was  0.87%,  a  con- 
centration factor  of  4. 

The  thickened  sludge  was  acidified  by  the  addition  of  sulfuric  acid. 
Figure  6-1  shows  a  titration  curve  of  the  sludge  from  the  initial  pH  of 
6.17  dovm  to  a  pH  of  1.00.   The  total  aluminum  available  in  this  sludge 
was  780  mg/J!,.   The  aluminum  phosphate  dissolution  reaction  can  be  repre- 
sented by  equation  (6-2) 

9H2SO4  +  2[Al(OH)2]3HPe4H2P04(s)  =  3Al2(S04)3  +  I2H2O  +  4H3PO4      (6-2) 

The  stoichiometric  acid  requirement  to  dissolve  sterrettite  is  9  moles  of 
H2SO4  per  6  moles  of  aluminum  or  a  ratio  of  1.33:1.   Table  5-1  shows  the 
molar  ratio  of  acid  to  aluminum  necessary  to  reach  various  hydrogen  ion 
concentrations.   About  2  moles  of  H2SO4  vjere  needed  per  mole  of  aluminum 
to  bring  the  pH  of  the  sludge  to  2.00.   Slechta  and  Gulp's  m.olar  ratios 
are  also  reported  in  Table  6-1. 

In  order  to  determine  the  settling  rate  of  the  acidified  sludge, 
the  sludge  was  placed  in  a  graduated  cylinder  and  the  zone  settling 
height  was  recorded  versus  time.   An  initial  study  was  conducted  to 
determine  the  size  of  the  graduated  cylinder  needed  to  achieve  minimal 
settling  interference  from  the  walls  of  the  vessel.   Since  it  was  dif- 
ficult to  produce  large  quantities  of  sludge,  the  minimum  possible  size 
was  desired.   Graduated  cylinders  were  tested  with  100  ml,  250  ml  and 
1000  ml  capacity.   After  three  hours  of  settling,  at  a  pH  of  2.00,  the 
sludge  zone  was  reduced  by  70%  in  the  100  ml  and  250  ml  graduated  cyl- 
inders.  In  the  one-liter  vessel  the  settling  zone  was  reduced  by  75%. 
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TASLE  6-1 
Acid  Requirements  for  Dissolution  of  Aluminuin 


pH       Al3+       H2SO4         H2S04:Al3+  H2S04:A1^+ 

M  M         (this  research)       (reported  values)' 


3.0      0.012      0.007  0.58:1  0.56:1 

2.0      0.012      0.025  2.08:1  ^2.05:1 

1.0      0.012      0.191  16.3:1  13.8:1 


*Source:   Slechta,  A.,  Gulp,  G. ,  Recovery  and  Reuse  of  Coagulant  from 
Treated  Sewage,  PHS  Grant  85-01,  February,  1966,  p.  A-3. 
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After  24  hours  all  three  vessels  exhibited  a  reduction  in  the  settling 
zone  of  80%.   It  was  concluded  that  in  order  to  achieve  fairly  represent- 
ative zone  settling  data  a  vessel  of  one-liter  capacity  was  needed. 

Zone  settling  generally  occurs  when  the  concentration  of  solids  ex- 
ceeds 500  mg/£.   The  initial  zone  settling  tests  were  run  at  a  solids  con- 
centration of  8600  mg/Z.      The  floe  particles  adhered  together  iminediately 
after  pH  reduction  and  the  mass  settled  as  a  blanket.   The  settling  pro- 
cess was  distinguished  by  three  zones,  as  shown  in  Figure  6-2.   Initially 
all  the  sludge  was  at  a  uniform  concentration j  A,  in  Figure  6-2.   The 
sludge  was  brought  to  a  pH  of  1.0,  2.0  and  3.0  and  allowed  to  settle  in 
one-liter  graduated  cylinders.   During  the  initial  settling.,  period  the 
sludge  settled  at  a  uniform  velocity.   As  settling  proceeded,  the  collapsed 
solids,  D,  on  the  bottom  of  the  vessel  buiJt-up  at  a  constant  rate.   C 
was  a  zone  of  transition  through  which  the  settling  velocity  decreased  as 
a  result  of  an  increased  concentration  of  solids.   The  concentration  of 
solids  in  the  zone  settling  interface  approached  the  layer  of  collapsed 
solids.   I-Jhen  the  layer  of  settled  solids  reached  the  interface,  a  com- 
pression zone  occurred.   For  the  sludge  at  a  pH  of  3.0,  settling  was 
poor  at  all  times  and  this  sludge  did  not  exhibit  any  floe  formation. 
The  sludge  at  a  pH  of  1.0  and  2.0  did  develop  large  floe  particles. 
The  zone  settling  period  lasted  for  about  25  minutes  at  pH  1.0  and  2.0, 
as  can  be  seen  from  Figure  6-3.   The  transition  zone  ended  at  about  80 
minutes.   The  pH  1.0  sludge  had  a  total  of  81%  reduction  in  volume  in 
160  minutes.   The  pH  2.0  sludge  was  reduced  in  volume  by  77%  in  160  min- 
utes, and  the  pH  3.0  sludge  by  only  43%. 

During  the  course  of  this  work  the  recovered  volumes  of  supernatant 
ranged  from  43%  to  50%  at  a  pH  of  3.0,  77%  to  90%  at  a  pH  of  2.0  and  81% 


Figure  6-2.   Schematic  Representation  of  the  Three  Major  Zones  of 
Sludge  Settling. 

A  =  Uniform  sludge  concentration,  zone  settling 
region 

B  =  Supernatant 

C  =  Transition  zone,  hindered  settling 

D  =  CollaDsed  solids 
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Figure  6-3.   Settling  Curves  of  Aluminum-Phosphate  Sludge  after 
pH  Reduction.   Sludge  produced  by  coagulation  of 
University  of  Florida  Campus  Sewage  Treatment  Plant 
secondary  effluent. 


"P-'-T 


100 


r~r-T 


'     j     I 


154 


lOOOb 


CD"D: 


■o-. 


200- 


00 


I     .     I 


n 


ti 


••■D    pH  =  o 


pH=  1      - 


!      '      I      ■      '       '      ' 


0  20      40      60     80      !00     120     !40     160     !80 

SETTLiiXIG  TIME,  MiiMUTES 


155 


to  90%  at  a  pH  of  1.0.  Sletcha  and  Gulp  [6]  reported  values  of  55%,  87% 
and  98%  for  pH's  of  3.0,  2.0,  and  1.0  respectively.  It  would  be  expected 
that  in  a  full  scale  plant,  operating  at  higher  solids  concentration  and 
with  slov;  stirring  to  aid  settling,  that  the  upper  values  of  supernatant 
recovered  could  be  achieved.  The  samples  were  filtered  through  a  VTiatp.an 
#2  filter  to  determine  the  percentage  of  volumie  recovered  by  filtration. 
At  a  pH  of  3.0,  2.0,  and  1.0  the  volume  of  supernatant  recovered  was  96%, 

98%  and  98%,  respectively,  of  the  original  volume.   The  supernatant  was 

3+ 
measured  for  Al   concentration  and  the  percentage  of  alum  recovered  as 

a  function  of  pH  is  shown  in  Table  6-2.  A.t  a  pH  of  2.0,  the  upper  range 
of  aluminum  recovery  by  sedimentation  was  93%  as  compared  to  91.2%  found 
by  Sletcha  and  Gulp  [6].  By  filtration,  100%  of  the  aluminum  was  recov- 
ered at  a  pH  of  2.0. 

6-2  Extraction  of  Aluminum  from  the  Acidified  Sludge 

From  the  results  of  Chapter  5,  it  was  determined  that  the  optiirium 
alkyl  phosphate  for  aluminum  extraction  was  an  equal  molar  mixture  of 
mono-  and  di (2-ethyl?iexyl)  phosphoric  acid.   After  the  sludge  was  acidi- 
fied to  a  pH  of  2.0  and  filtered,  the  resulting  supernatant  was  contacted 
with  MDEHPA  for  aluminum  extraction.   In  order  to  determine  the  concen- 
tration of  MDEHPA  needed,  the  curve  of  Figure  5-12  was  utilized.   This 
curve  gave  the  MDEHPA  concentration  needed  to  extract  a  given  amount  of 
aluminum  in  a  single  contact.   Table  6-3  shows  the  results  of  extraction 
at  an  organic rwater  phase  ratio  of  1:1.   The  feed  pH  was  2.00.   The 
table  shows  results  from  four  different  aluminum  concentrations.   Listed 
in  column  7  is  the  concentration  of  MDEHPA  obtained  from  Figure  5-12. 
The  percent  efficiency  is  given  by 
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[>IDEHPA]s 
%  Efficiency  =  [^^deHPaTX  ^^-^^ 


where  [>DEnPA]„  is  the  concentration  obtained  from  Figure  5-12  which  repre- 
sented at  least  96%  aluminum  extraction,  and  [MDEHPA]^  is  the  concentration 
actually  needed  to  reach  about  96%  aluminum  extraction.   The  data  of  column 
7  and  8  are  reported  at  the  first  MDEHPA  concentration  which  gave  96% 
aluminum  extraction.   Samples  II  and  IV  were  indicative  of  most  of  the 
extraction  tests  which  were  made,  showing  that  the  extraction  was  about 
77%  as  efficient  when  the  feed  was  from  actual  wastewater  sludge,  as  com- 
pared to  the  synthetic- feed  solution.   As  can  be  noted  from  this  table, 
the  actual  number  of  milligrams  of  aluminum  lost  between  95%  extraction 
and  97%  extraction  was  very  small,  while  the  increase  in  MDEHPA  was  sig- 
nificant.  It  may  be  more  economical  to  operate  at  95%  recovery,  which 
has  an  efficiency  of  about  97%  when  compared  with  extraction  from  syn- 
thetic solutions  than  to  operate  at  97%  aluminum  recovery,  with  an  effi- 
ciency of  only  77%.   It  was  difficult  to  produce  enough  sludge  in  order 
to  reproduce  the  equilibrium  curves  for  aluminum  extraction  from,  syn- 
thetic feed  solutions  (Figures  5-8  through  5-12).   Therefore,  an  attempt 
was  made  to  use  the  synthetic  feed  solution  equilibrium  curves  for  esti- 
mating extraction  efficiencies  from  acidified  sludge  feed  solutions. 
After  several  extraction  experiments  on  acidified  sludge  it  was  found 
that  if  the  MDEHPA  concentrations  of  Figures  5-8  through  5-11  were  mul- 
tiplied by  1.3  that  extraction  from  acidified  sludge  followed  these  curves 
quite  well.   This  scale-up  factor  of  1.3  was  felt  to  be  accurate  for 
design  purposes  in  this  study.   The  scale-up  factor  should  be  evaluated 
for  each  type  of  feed  solution  utilized. 
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6-3   Stripping  of  Aluminum  from  the  I-IDEHPA  Solution 

Complete  stripping  of  the  organic  solution  was  achieved  at  aluminum 
concentrations  of  below  400  mg/Ji  in  the  organic  phase.   However,  if  the 
organicracid  phase  ratio  was  maintained  at  15:1,  the  stripping  efficiency 
dropped  off  rapidly  at  higher  aluminum  concentrations.   It  was  felt  that 
this  was  probably  due  to  the  inefficiency  of  contact  in  the  small-scale 
apparatus  utilized.   This  section  will  be  subdivided  based  on  results  at 
lovj  aluminum  concentrations  and  at  high  aluminum,  concentrations.   The 
first  section  may  well  be  more  representative  of  results  on  a  larger 
scale  operation. 

6-3-1   Stripping  at  low  aluminum  concentrations 

Tests  were  conducted  to  determine  the  stripping  coefficient,  S   , 

as  a  function  of  mixing  time  and  sulfuric  acid  normality.   The  aluminum 

concentration  in  the  organic  phase  was  400  mg/£  (0.0147  M)  and  it  was 

contacted  with  acid  at  an  organic:acid  phase  ratio  of  15:1.   Figure  6-4 

shews  the  effect  of  mixing  time  on  the  percentage  of  aluminum  recovered. 

The  acid  concentration  was  10  N.   A  mixing  time  of  15  minutes  which  re- 

suited  in  an  S    of  3.0  was  chosen  for  subsequent  tests.   It  was  found 
o  ^ 

that  at  acid  concentrations  of  6  N,  10  N  and  12  N,  with  a  mixing  time 
of  15  minutes,  that  in  all  cases  73%  of  the  aluminum  was  stripped  in  a 
single  contact. 

6-3-2   Stripping  at  high  aluminum  concentrations 

With  6  N  acid,  a  mixing  time  of  15  minutes,  and  an  organic :acid  ratio 
of  15:1,  greater  than  70%  of  the- aluminum  was  stripped  at  an  initial  alu- 
minum concentration  in  the  organic  phase  of  800  mg/£.   However,  at  1700 
mg/2.  aluminum  in  the  organic  phase,  the  amiount  of  aluminum  stripped 


Figure  6-4.   Effect  of  Contact  Time  on  Percent  Aluminum  Stripped 
from  tDEHPA  at  Low  Aluminum  Concentrations.   Initial 
extract  Al3+  =  400  mg/£(0,015  M)  ,  >IDEHPA  =  0.12  M, 
H2SO4  =  6N,  Keroseneracid  phase  ratio  =  15:1.   Feed 
solution  was  acidified  aluminum-phosphate  sludge. 
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dropped  to  50%,  and  at  3200  mg/£,  the  aluminuin  stripped  was  only  38%. 
Tests  vjith  increasing  acid  normality  did  not  significantly  increase  S^^. 
It  was  then  attempted  to  increase  rhe  stripping  coefficient  by  varying 
the  contact  time.   Figure  6-5  shows  that  a  significant  increase  in 
stripping  resulted  at  a  contact  time  of  60  minutes.   Hov/ever,  the 
stripping  coefficient  was  still  too  low  for  economical  process  design. 
In  order  to  extract  3200  mg/£  aluminum,  a  0.85  M  MDEHPA  solution 
was  used.   It  was  felt  that  significant  polymerization  may  have  taken 
place  in  the  kerosene  phase  which  inhibited  aluminum  stripping.   As  ex- 
pressed earlier,  the  aluminum  reacted  with  dimerized  MDEHPA  when  high 
extraction  was  obtained  with  a  single  extraction  contact.   Stripping 
could  improve  if  extraction  took  place  in  the  range  of  monomeric  MDEHPA. 
reaction  due  to  the  reduced  availability  of  free  MDEHPA  for  polymeriza- 
tion.  A  0.5  M  I'IDEHPA  solution  was  contacted  twice  with  3000  m.g/£  alu- 
minum, resulting  in  an  aluminum  concentration  in  the  organic  phase  of 
3420  mg/j,.   The  extraction  reaction  was  well  into  the  range  where 
MDEHPA  reacted  as  a  monomer.   At  a  mix  time  of  15  minutes,  the  percent 
of  aluminum  stripped  rose  to  66%  from  the  previous  38%.   A  second  solu- 
tion of  0.5  M  MDEHPA  was  reacted  D.v-'ice  with  a  5000  mg/JL  aluminum  solu- 
tion, resulting  in  a  final  aluminum  concentration  in  the  organic  phase 
of  4600  mg/J. .   IvTien  the  organic  was  stripped  with  6  N  H2S0^,  again  66% 
of  the  aluminum  was  stripped  in  15  minutes.   The  corresponding  stripping 
coefficient  v.-as  2.0.   This  value  wculd  be  high  enough  to  result  in  a 
successful  countercurrent  stripping  process.   It  was  concluded  that  at 
high  aluminum  concentrations,  the  feed  should  be  contacted  in  a  two- 
stage  countercurrent  operation  so  that  the  stripping  stage  could  operate 
more  efficientlv. 


Figure  6-5.   Effect  of  Contact  Time  on  Percent  Aluminum  Stripped 

from  MDEHPA  at  High  Aluminum  Concentrations.   Initial 
extract  Al3+  =  3000  "mg/£(0. 11  M)  ,  IIDEHPA  =  1.0  M, 
H2SO4  =  6N,  Kerosene: acid  phase  ratio  =  15:1.   Feed 
solution  vjas  acidified  aluminum-phosphate  sludge. 
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6-3-3   Siommary  of  aluminum  stripping 

Figure  6-6  shows  the  experimental  "equilibr ium."  curve  obtained  at 
a  mix  time  of  15  minutes,  v.'hen  aluminum  rich  organic  solution  was  con- 
tacted with  6  N  H^SO,.   The  data  points  in  the  high  slope  range  of  the 
curve  were  obtained  from  an  organic  solution  in  which  the  ^IDEHPA  reacted 
with  aluminum  as  a  dimer,  while  at  the  lower  slope  range,  the  data  were 
obtained  from  an  organic  solution  where  the  MDEKPA  reacted  as  a  monomer 
with  the  aluminum.   The  curve  is  shovm  to  level  off  at  the  maximum  theo- 
retical amount  of  aluminum  that  can  be  stripped  with  6  N  HoSO/,  i.e., 
2  M  (54  g/Ji). 

V 

6-4  Precipitation  of  Aqueous  Phosphate 

One  of  the  methods  available  for  disposal  of  the  phosphate  solution 
which  remains  after  the  aluminum  has  been  extracted  is  to  add  lim.e  to 
the  solution  to  precipitate  the  phosphate.   Figure  6-7  shows  the  theore- 
tica].  equilibrium  diagram  for  hydroxy  apatite,  Car (PO/ ) o (OH) (s) ,  and 

dicalcium  phosphate,  CaHPO^(s).   The  diagram  was  drawn  on  the  assumption 

-3 
that  a  10   M  (40  mg/£)  free  calcium  was  maintained.   In  the  pH  range 

of  6  to  8,  hydroxy  apatite  would  be  the  favored  solid  to  precipitate 

while  below  pH  6  dicalcium  phosphate  is  favored.   At  a  pH  of  6.0,  the 

-3 
phosphorus  solubility  is  1.6  x  10   M  (49.6  mg/il.  PO^-P)  .   The  hydroxy 

apatite  reaction  requires  5  moles  of  calcium  per  3  moles  of  phosphate, 
or  a  ratio  of  1.66:1.   The  dicalcium  phosphate  reaction  requires  a 
Ca:P  ratio  of  1:1  for  precipitation.   An  acidified  sludge  containing 
1000  mg/£-P  at  an  initial  pH  of  2.00  was  titrated  with  Ca(0H)2  to  de- 
termine the  lime  required  to  precipitate  the  phosphate.   The  results 
are  shovjn  in  Figure  6-8.   At  a  pH  of  7.53,  only  65  mg/£.-P  remained  in 
solution.   The  calcium  demand  was  35.2  mM  to  remove  30.2  mM-P ,  or  a 


Figure  6-6.   Pseudo-Equilibrium  Curve  for  Stripping  of  Aluminum 
from  MDEHPA  with  6  N  H2S0^.   Contact  time  =  15 
minutes.   Kerosene : acid  phase  ratio  =  15:1.   The 
first  three  data  points,  at  low  aluminum  concentra- 
tions, were  obtained  from  stripping  aluminum  which 
had  been  extracted  by  one  contact  with  the  feed 
solution.   The  last  two  data  points,  at  high  alu- 
minum concentrations,  were  obtained  from  stripping 
aluminum  which  had  been  extracted  by  two  contacts 
;'7ith  the  feed  solution.   Feed  solution  was  acidi- 
•  fled  aluminum-phosphate  sludge. 
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Figure  6-7.   Solubility  Diagram  for  Hydro:o^  Apitite  and  Dicalcium 
Phosphate.   Free  calcium  maintained  at  40  mg/£ 
(10~3m). 


169 


P 


H 


Figure  5-8.   Phosphate  Remaining  in  Solution  Using  Lime  as  pH 

Control  and  as  the  Source  of  Calcium  Ions,   Solution 
was  prepared  by  acidifying  aluminum-phosphate  sludge 
obtained  by  coagulation  of  University  of  Florida 
Campus  Sewage  Treatmient  Plant  secondary  effluent. 
Aluminum  was  extracted  prior  to  phosphate  precipi- 
tation. 
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Ca:P  ratio  of  1.17:1.   The  precipitate  fom^.ed  v/as  probably  a  combination 
of  hydroxy  apatite  and  dicalcium  phosphate,  vjith  dicalcium  phosphate 
representing  the  majority  of  the  precipitate.   If  the  phosphate  was  pre- 
cipitated so  as  to  leave  100  mg/5,-P  in  solution,  then  when  this  solu- 
tion was  combined  with  the  plant's  secondary  effluent  at  a  dilution  fac- 
tor of  1:400,  0.25  mg/Ji-P  would  be  added  to  the  plant's  effluent. 

6-5   Loss  of  Organic  Solution  During  Recycle 

Losses  of  organic  solution  have  been  studied  from  the  point  of  view 
of  total  entrainment  of  organic  solution  in  the  aqueous  phase,  and  by 
studying  the  water  solubility  of  the  alkyl  phosphate.   For  process  design 
purposes  the  total  loss  of  organic  solution  per  1000  gallons  of  feed  was 
found.   More  theoretical  studies  attempted  to  determine  the  distribution 
coefficients  of  the  alkyl  phosphate  between  organic  and  water,  thereby 
finding  the  milligrams  of  alkyl  phosphoric  acid  lost  to  the  aqueous 
phase  for  a  given  initial  concentration  in  the  organic  phase. 

Brovjn   et  al.  [56]  contacted  0.4  M  DEHPA  in  kerosene  with  an  aqueous 
sulfate  solution  at  a  pH  of  1.0.   After  a  10  minute  mixing  period  the 
total  loss  of  DEHPA  was  measured  by  radioactive  tracer  methods.   A  total 
of  2  mg/£  were  lost.   When  the  same  solution  was  contacted  w^ith  10  M  HCl, 
5  mg/i  of  DEHPA  were  lost.   Blake  et  al .  [33]  reported  an  average  loss  of  5 
mg/Ji  of  DEHPA  during  full  scale  uranium  extraction  operations,  and  a  loss 
of  60  mg/2.  for  monododecyl  phosphoric  acid. 

Ryon  et  al.  [47]  reported  on  the  total  losses  of  organic  solution 
for  two  full-scale  uranium  extraction  plants.   In  the  Climax  Uranium 
Company  mill,  four  stages  were  used  to  extract  uranium  with  0.08  M  DEHPA 
in  kerosene.   The  uranium  was  stripped  with  1  M  Na2C03  in  four  stages. 
The  flow  rates  of  feed,  solvent,  and  strip  were  40,  70,  and  6.6  gpm. 
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respectively.   The  entrainment  of  solvent  in  the  aqueous  raffinate  was 
measured  at  two  points  in  the  plant.   The  raffinate  from  stage  4  was 
passed  through  a  spare  settler  before  it  was  discharged.   The  average 
solvent  entrainment  in  the  raffinate  entering  and  leaving  the  spare 
settler  was  0.37  and  0.20  gal/1000  gal,  respectively,  showing  that  an 
additional  settling  time  of  25  minutes  reduced  the  entrainment  by  al- 
most one-half.   The  average  total  organic  solution  inventory  loss  for 
two  years  of  operation  was  1.6  gallons  per  1000  gallons  of  aqueous  raf- 
finate.  This  figure  included  losses  due  to  entrainment,  DEHPA  solu- 
bility in  the  raffinate  and  strip  solution,  and  losses  due  to  spillage 
and  evaporation.  "*- . 

In  the  Kerr-McGee  Oil  Industries  process  0.11  M  DEHPA  dissolved  in 
kerosene  was  contacted  with  the  uranium  feed  solution  in  four  extrac- 
tion stages.   The  uranium  vjas  stripped  with  1.3  M  Na^COo  in  two  stages. 
The  entrainment  of  solvent  in  aqueous  raffinate  was  measured  after 
stage  4.   The  entrainment,  measured  in  grab  samples,  vjas  less  uhan  0.1 
gallon  per  1000  gallons.   The  plant's  records  showed  an  average  entrain- 
ment of  0.2  ga]/1000  gal  except  for  two  days  v/hen  stable  emulsions  were 
encountered  and  the  entrainment  was  as  high  as  1.5  gal/1000  gal.   The 
total  inventory  loss  of  solvent  since  plant  start-up  was  0.8  gal/1000 
gal  of  aqueous  flow.   This  included  losses  due  to  entrainment,  solubi- 
lity, spillage,  and  evaporation,   \fhen  no  spillage  was  recorded  the  in- 
ventory loss  was  less  than  0.5  gal/1000  gallons  of  raffinate. 

In  the  small  laboratory  scale  of  this  research  it  was  not  possible 
to  obtain  accurate  .data  for  solvent  losses.   The  MDEHPA  should  have  a 
higher  water  solubility  than  does  DEHPA.   However,  water  solubility 
comprises  only  a  very  small  amount  of  the  total  organic  solvent  loss. 


For  example,  Brown  et  al.  [56]  reported  a  less  of  0.5  nig/£  of  DEHPA  from 
0.1  II  DEHPA  solution  due  to  v^ater  solubility.   This  would  be  0.012  gal/ 
1000  gal.   However,  the  reported  total  organic  solution  losses  in  the 
above  two  processes  were  in  the  range  of  0.5  gal/1000  gal  to  1.6  gal/ 
1000  gal.   Host  of  the  organic  losses  are  due  to  kerosene  entrainment , 
evaporation  and  spillage.   Values  of  organic  losses  for  MDEHPA  would 
therefore  be  expected  to  be  in  the  same  range  as  reported  losses  for 
DEHPA, 


CHAPTER  7 
PROCESS  DESIGN  FOR  ALLC-HNUM  RECOVERY  BY  SOLVENT  EXTRACTION 

This  chapter  is  designed  to  show  how  the  data  of  Chapter  6  can  be 
applied  for  process  design.   Two  examples  have  been  included,  one  at  an 
alum  dosage  of  60  mg/£,  and  one  at  an  alum  dosage  of  200  mg/Z.      Chemical 
demands  were  calculated  per  million  gallons  of  plant  flow.   Sludge  flows 
were  also  reported  per  million  gallons  of  plant  flox.;.   The  process  has 
been  assumed  to  operate  24  hours  per  day.   A  general  flow  diagram  is 
shov;n  in  Figure  7-1.   It  should  be  emphasized  that  the  operating  data 
have  only  been  collected  on  a  small  laboratory  scale.   While  full-scale 
processes  generally  perform  better  than  small  scale  [36],  problems  may 
be  encountered  in  a  prototype  operation  v;hich  were  not  anticipated  in 
the  laboratory.   The  extraction  and  stripping  stages  of  the  following 
sections  have  been  simulated  in  the  laboratory,  verifying  the  design 
parameters.   Acidulation,  thickening,  and  phosphate  precipitation  have 
been  fully  discussed  in  Chapter  6. 

7-1   Full-Scale  Operation  at  a  60  m.g/jl  Alum  Dose 

7-1-1   Sludge  pre-treatment 

A  60  mg/2,  alum  dosage  was  added  to  secondary  effluent  to  remove 
about  3  mg/2--P  and  som^e  suspended  solids.   The  volume  of  sludge  produced 
was  assumed  to  be  1%  of  the  total  plant  flow,  or  10,000  gal/MG.   This 
was  equivalent  to  7  gpm  for  a  one-MGD  plant.   The  sludge  was  thickened 
to  concentrate  the  sludge,  and  to  reduce  the  volume  of  sludge  to  be 
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treated  for  aluminum  recovery.   The  loading  rate  of  alum  sludge  to  grav- 
ity thickeners  has  been  estimated  to  be  about  250  gal/sq  ft/day  [67]. 
For  a  one-KGD  plant  a  surface  area  of  40  sq  ft  would  be  required.   The 

olume  of  sludge  was  reduced  to  about  one-fourth  of  its  original  volume, 
thereby  leaving  2500  gal/MG  of  sludge  flow  to  be  acidified.   The  super- 
natant would  generally  be  returned  to  the  influent  stream  of  the  waste- 
water treatment  plant,  while  the  sludge  flowed  to  the  acidulator  tank. 

7-1-2   Sludge  acidification 

The  sludge  was  contacted  with  sulfuric  acid  to  lower  the  pH  to  2.0. 
An  acidulation  time  of- 15  minutes  was  sufficient  for  aluminum  dissolu- 
tion.  A  flow  of  2500  gal  per  day  (1.75  gpm)  would  require  a  26  gallon 

capacity  acidulation  tank,  neglecting  freeboard.   Two  moles  of  H2SO/  per 

3+ 
mole  of  Al   were   needed  for  acidification,  or  7.26  grams  of  H^SO,  per 

3+ 
gram  of  Al   .   A  60  mg/£  alum  dose  to  secondary  effluent  resulted  in  a 

3+ 
sludge  containing  2100  mg/ji  Al   after  thickening.   About  0.16  moles 

per  liter  of  H2S0^^  were  added  to  dissolve  the  aluminum.   The  total  acid 
demand  vjould  be  about  324  lb  of  100%  H2SO4  per  million  gallons  of  treat- 
ment plant  flow.   The  dissolved  aluminum  could  be  separated  from  the 
organic  sludge  by  either  sedimentation  or  filtration.   Utilizing  sedi- 
mentation about  93%  of  the  aluminum  was  recovered  at  a  pH  of  2.0.   The 
organic  solids  were  at  a  concentration  of  15%  to  20%  after  sedimentation. 
This  concentration  should  be  suitable  for  disposal  when  combined  with 
digested  sludge.   Recovery  of  the  additional  7%  of  aluminum  will  not  pay 
for  vacuum  filtration,  so  that  a  final  organic  solids  of  40%  must  be 
required  in  order  to  justify  vacUum  filtration.   From  settling  curves 
similar  to  those  of  Figure  6-3,  a  sedimentation  tank  loading  rate  of 
0.04  Ib/sq  ft/day  v/as  estimated.   This  would  require  approxim.ately  an 
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8-sq-ft  settling  tank.   In  order  to  recover  essentially  all  of  the  alu- 
HiinuTii,  the  acidified  solution  v/as  vacuum  filtered  rather  than  settled. 
It  has  been  estimated  that  the  organic  sludge  could  be  fed  to  the  vacuum 
filter  at  about  4  Ib/hr/sq  ft.   The  organic  sludge  produced  per  MG 
would  be  about  200  lb.   Allowing  for  a  50%  excess  filter  area,  and  an 
8  hour  per  day  operation  of  the  filter,  a  10  sq  ft  filter  would  be  re- 
quired.  The  closest  available  filter  of  this  size  is  a  drun  1  ft  long 
by  3  ft  diameter  [68]    The  filtered  sludge  had  a  solids  content  of  40% 
and  could  be  directly  landfilled.   The  supernatant  flow  would  still  be 
about  2500  gal/MG.   The  aluminum  concentration  was  2100  mg/J,. 

V 

7-1-3  Aluminum  extraction 

An  aluminum  concentration  in  the  feed  of  2100  mg/£,  was  extracted 
In  tv;o  countercurrent  stages  as  shown  in  Figure  7-2.   The  equilibrium 
curve  was  that  of  Figure  5-9  for  0.2  M  MDEHPA.   Applying  the  scale-up 
factor  of  1.3,  a  MDEHPA  concentration  of  about  0.26  M  vjas  needed.   Fig- 
ure 7-2  has  been  constructed  by  the  procedure  outlined  in  Chapter  3. 
The  operating  line  had  a  slope  equal  to  the  phase  ratio,  1:1.   The 
point  of  the  intersection  of  the  x-axis  was  the  final  desired  concentra- 
tion of  aluminum  in  the  raffinate.   The  operating  curve  was  drawn  to 
extract  98%  of  the  2100  mg/?,  of  aluminum  in  the  feed.   The  intersection 
of  the  X-axis  was  therefore  about  40  mg/i.      The  operating  curve  ended 
at  the  point  (X  ,  YO  ,  where  Xq  vjas  the  aluminum  concentration  in  the 
feed,  2100  mg/S.,  and  Yi  was  the  final  aluminum  concentration  in  the 
extract,  2060  mg/S,.   The  feed  rate  for  both  the  organic  and  aqueous  flow 
was  1.75  gpm.   With  a  15  minute  mixing  and  settling  time,  the  mixer  and 
settler  volume  must  be  53  gallons.   The  mixers  and  settlers  are  usually 
sealed,  and  operated  full,  so  that  approximately  a  55-gallon  tank  would 


Figure  7-2.   Graphical  Determination  of  Number  of  Stages  Necessary 
for  98%  Aluminum  Extraction  at  an  Initial  Alum  Dose 
to  Secondary  Effluent  of  60  mg/Ji.   IffiEHPA  =  0.26  M, 
feed  Al3+  =  2100  mg/£(0.078  M) ,  feed  pH  =  2.0,  phase 
ratio  =  1:1,  contact  time  =  15  minutes. 
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be  needed.   The  mixing  vessels  are  usually  circular  rather  than  rectan- 
gular, and  are  fitted  with  four  equally  spaced  vertical  baffles  of  length 
equal  to  liquid  depth  and  width  equal  to  one-tenth  the  tank  diameter. 
The  impeller  diameter  is  usually  one-third  to  one-half  the  vessel  dia- 
meter vjith  the  shaft  placed  along  the  vessel  axis.   Agitation  pov/er 
is  in  the  range  of  0.05  to  0.3  hp/cu  ft  of  vessel  volume.   Using  a  value 
of  0.2  hp/cu  ft,  about  1.4  hp  is  needed  per  mixing  vessel,  or  a  total 
of  2.8  hp  for  the  extraction  circuit.   The  dispersion  from  the  mixer  is 
allowed  to  flow  by  the  impeller  action  into  a  settling  tank  of  sufficient 
size  so  that  the  time  of  resistence  is  great  enough  to  permit  primary 
break.   Baffles  are  often  employed  to  minimize  the  size  of  'the  vessel 
needed.   Gravity  flow  betvreen  mixers  and  settlers  can  usually  be  arranged, 
especially  in  a  process  of  only  a  few  stages. 

The  Al   concentration  in  the  feed,  extract  and  raffinate  were, 
respectively,  2100  mg/£,  2060  mg/J?-,  and  40  mg/£,  resulting  in  an  alu- 
minum recovery  of  98%  in  the  extraction  process.   There  would  be  2500 
gal/KG  of  extract  and  2500  gal/MG  of  aqueous  phosphate  leaving  this 
process . 

7-1-4   Disposal  of  aqueous  phosphate  solution 

The  phosphate  concentration  was  about  1200  mg/t  or  0.12"^  PO/-P. 
The  phosphate  is  very  valuable  as  a  fertilizer  to  both  municipalities 
and  farmers.   The  method  of  disposal  depends  upon  local  conditions. 
The  phosphate  solution  could  be  disposed  of  in  liquid  or  solid  form. 

For  small  plants  of  say  one-MGD  capacity,  the  disposal  of  liquid 
phosphate  may  be  the  preferred  method.  Animal  manures  contain  on  the 
order  of  0.3%  to  0.4%  PC, -P.  Manures  are  usually  used  where  they  are 
produced,  as  it  is  not  economical  to  transport  a  fertilizer  of  such  low 
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phosphate  concentration.   In  locations  where  a  portion  of  the  secondary 
effluent  is  used  for  spray  irrigation,  as  is  done  at  the  University'  of 
Florida  Campus  Sewage  Treatment  Plant,  the  phosphate  solution  could  be 
directly  injected  into  the  irrigation  system. 

If  disposal  of  the  fertilizer  requires  large  transportation  costs, 
it  would  probably  be  nore  economical  to  precipitate  the  phosphate.   Con- 
servatively, 1.5  moles  of  lime  were  needed  per  mole  of  phosphorus.   The 
lime  dosage  was  therefore  about  4.3  g/^,  or  a  total  demand  of  89  Ib/MG. 
The  supernatant  contained  about  70  mg/iL-P  which  could  be  fed  back  to  the 
beginning  of  the  treatment  plant,  resulting  in  an  increase  of  0.17  mg/ 
£-P  to  the  plant's  influent  phosphate  concentration.   The  phosphate  sludge 
was  a  very  clean,  white  precipitate  which  was  found  to  dewater  quite 
readily.   If  necessary,  the  fertilizer  could  be  dewatered  to  at  least 
50%  solids,  so  that  the  phosphate  concentration  in  the  fertilizer  was 
about  7.5%.   This  is  equivalent  to  the  phosphate  concentrations  of 
superphosphate  fertilizer.   The  dry  weight  of  fertilizer  precipitated 
would  be  about  120  lb  per  million  gallons  plant  flow. 

7-1-5   Stripping  of  the  extract 

An  aluminum  concentration  in  the  organic  phase  of  2060  mg/2,  was 

stripped  in  two  stages  as  shovm  in  Figure  7-3.   The  organic:6  N  H  SO 

3+ 
phase  ratio  was  15:1.   The  Al    concentration  in  the  extract,  acid,  and 

solvent  vjere,  respectively,  2060  mg/J?,,  30,200  mg/V. ,  and  50  mg/£,,  result- 
ing in  a  recovery  of  97.5%  in  the  stripping  circuit.   At  a  solvent:acid 
flow  rate  of  15:1  there  would  be  about  166  gal/MG  of  recovered  alum  and 
approximately  2500  gal/MG  of  solvent.   The  same  size  tanks,  and  the  same 
mixing  requirements  as  in  the  extraction  circuit,  wou].d  be  used  in  the 


Figure  7-3.   Graphical  Determination  of  Number  of  Stages  Necessary 
for  97%  Aluminum  Stripping  at  an  Initial  Alum  Dose 
to  Secondary  Effluent  of  60  mg/£.   Acid  =  6N  H2SO4, 
extract  aluminum  =  2060  mg/5,(0.076  M)  ,  Z-OEHPA  = 
0.26  M,  kerosene: acid  phase  ratio  =  15:1,  contact 
time  =  15  minutes. 
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stripping  stage.   The  recovered  alum  was    still  in  about  2.7  N  HnSO/ 
v/hich  vjould  be  too  strong  to  be  used  for  a  coagulant  feed.   A  2.7  N 
H2S0^  coagulant  feed  solution  would  lov/er  the  pH  of  tlie  secondary  efflu- 
ent below  the  AIPO4  precipitation  range.   The  alum-acid  solution  could 
be  recycled  through  the  stripping  circuit  to  increase  its  Al^+  concen- 
tration, or  the  excess  acid  could  be  neutralized  by  addition  of  lime. 
If  the  solution  is  not  recirculated,  it  was  calculated  that  136.2  Ib/MG 
of  lime  was  needed  to  neutralize  the  excess  acidity.   The  pH  should  be 
adjusted  to  about  2.0,  near  that  of  a  commercial  50%  alum  solution. 
The  alum  solution  was  ready  for  feed  as  a  coagulant. 

The  stripped  solvent  V7as  washed  of  excess  acidity  prior  to  recir- 
culation to  the  extraction  circuit.   The  solvent  was  washed  at  a  phase 
ratio  of  1:1  with  secondary  effluent.   About  2%  of  the  aqueous  stream 
vjould  be  continuously  bled  off.   The  bleed  solution  would  be  high  in 
acid  content  and  could  be  sent  to  the  acidulator,  to  help  lower  the  pH 
of  the  sludge  solution.   The  estimated  loss  of  solvent  was  3.75  gal/MG. 

7-1-6   Summiary  of  alum  recovery  at  a  60  mg/£  alum  dose 

The  percentage  of  aluminum  recovered  in  the  acidulation,  extraction 
and  stripping  stages  was  93%,  98%,  and  97.5%,  respectively,  if  aluminum 
was  separated  by  sedimentation.   This  resulted  in  an  overall  recovery  of 
89%,   If  vacuum  filtration  was  employed,  the  overall  recovery  was  95.5%. 
A  total  of  five  mixing  tanks  and  five  settling  tanks  of  53  gallon  capacity 
would  be  needed  for  the  extraction  and  stripping  stages.   The  total 
horsepower  requirement  for  stripping  and  extraction  would  be  7.0  hp.   In 
addition  a  AO-sq-ff  thickener,  an  8-sq-ft  sedimentation  tank  or  a  10-sq-ft 
vacuum  filter,  25-gallon  acidulator  tank,  and  a  25-gallon  phosphate  preci- 
pitation tank  (optional)  would  be  needed  for  a  1  mgd  plant. 
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7-2   Full-Scale  Operation  at  200  mg/£  Alum  Dose 

7-2-i.   Sludge  pre-treatment 

A  200  ng/£  alum  dosage  was  added  to  secondary  effluent  to  remove  20 
mg/JJ,  phosphorus.   Tlie  University  of  Florida  Campus  Sewage  Treatment  Plant 
secondary  effluent  was  adjusted  to  20  mg/Ji-?  by  addition  of  KH^PO,  .   The 
volume  of  sludge  produced  was  1%  of  the  total  plant  flow,  equivalent  to 
10,000  gal/MG.   The  sludge  was  thickened  at  the  same  operating  conditions 
as  for  the  60  mg./£  alum  dosage  system.   Approximately  2500  gal/MG  would 
remain  for  acidification. 

7-2-2   Sludge  acidification  -,,- 

The  same  tank  conditions  as  utilized  in  section  7-1-2  were  used  for 

3+ 
acidification .   At  a  H2S0a:A1   molar  ratio  of  2:1,  a  total  of  1140  lb 

of  100%  H2S0^  m.ust  be  added  per  million  gallons  of  treatment  plant  flow. 
This  corresponds  to  a  dosage  of  55  g/jt  to  the  thickened  sludge.   If  the 
aluminum  was  recovered  by  sedimentation,  a  26-sq-ft  sedimentation  tank 
would  be  needed.   The  surface  area  required  for  vacuum  filtration  vjould 
be  30-sq-ft,  necessitating  a  drum  2  ft  long  with  a  3  ft  diameter.   This 
was  calculated  at  8  hours  of  operation  per  day  and  included  50%  excess 
surface  area.   The  supernatant  volume  was  equivalent  to  about  2500  gal/MG 
and  had  an  aluminum  concentration  of  7230  mg/i  and  a  phosphate  concentra- 
tion of  8000  mg/£. 

7-2-3  Aluminum  extraction 

It  has  been  shown  in  Figure  7-2  that  in  two  extraction  stages  >DEHPA 

can  remove  approximately  twice  the  amount  of  aluminum  that  can  be  extracted 

by  one  stage.   By  extrapolating  the  curve  of  Figure  5-12,  it  can  be  seen 
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that  a  0.73  M  solution  of  MDEHPA  would  be  needed  to  extract  97%  of  the 
aluminum  from  a  synthetic  feed  solution.   Applying  the  factor  of  1.3  for 
actual  v.'aste  sludge,  a  0.95  M  solution  of  MDEHPA  was  utilized  in  a  two- 
stage  countercurrent  extraction  for  97%  aluminum  recovery  from  the  acidi- 
fied sludge  feed  solution.   Tank  and  mix  requirements  were  the  same  as 
for  section  7-1-3.   Leaving  this  stage  was  an  equivalent  2500  gal/MG  of 
extract  that  contained  7060  mg/£  Al    and  2500  gal/MG  of  raffinate  that 
contained  8000  mg/£-P. 

7-2-4   Disposal  of  aqueous  phosphate  solution 

If  disposal  of  th&  fertilizer  would  require  the  calcium-phosphate 
to  be  solid,  the  phosphate  would  have  to  be  precipitated  with  lime.  The 
addition  of  640  Ib/MG  of  lim.e  would  produce  about  860  Ib/MG  (dry  weight) 
of  calcium-phosphate  fertilizer.  The  quantities  of  fertilizer  produced 
under  these  conditions  would  be  substantial  enough  to  be  valuable  on  the 
open  market.  The  supernatant  would  contain  about  65  mg/Jl-P  for  recircu- 
lation back  to  the  plant  influent. 

7-2-5   Stripping  of  the  extract 

The  highest  concentration  of  aluminum  desired  was  54  g/'5,,  the  organic: 

acid  flow  ratio  was  therefore  7.5:1.   Figure  7-4  shows  the  operating  curve 

3+ 
to  strip  98%  of  the  aluminum.   The  Al    concentration  in  the  extract,  acid, 

and  solvent  were  respectively,  7060  mg/il,  54,000  mg/£,  and  150  mg/£.   This 
was  equivalent  to  about  332  gal/MG  of  recovered  alum  and  2500  gal/MG  of 
solvent.   The  sulfuric  acid  was  almost  completely  neutralized  by  the 
stripping  of  six  equivalents  of  aluminum.   The  solvent  was  washed  and  re- 
circulated to  the  extraction  circuit.   The  loss  of  solvent  was  estimated 
at  3.75  gal/MG. 


Figure  7-4.   Graphical  Determination  of  Nurnber  of  Stages  Necessary 
for  98%  Aluminum  Stripping  at  an  Initial  Alum  Dose 
to  Secondary  Effluent  of  200  mg/£.   Acid  =  6N  H2SO4  , 
extract  aluminum  =  7060  mg/£(0.26  M)  ,  I-IDEHPA  =  0.95  M, 
kerosene: acid  phase  ratio  =  7.5:1,  contact  time  = 
15  minutes. 
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7-2-6   Summary  of  alum  recovery  at  a  200  m.g/H  alum  dose 

The  percentage  of  alum.inum  recovered  in  the  acidulation,  extraction, 
and  stripping  stages  was  93%,  97%,  and  98%,  respectix'ely ,  using  sedimen- 
tation.  This  resulted  in  an  overall  aluminum  recovery  of  88.5%.   Vacuum 
filtration  resulted  in  an  overall  recovery  of  95%.   The  same  number  of 
mixing  and  settling  tanks  as  in  section  7-1-6  would  be  required.   Approx- 
imately 40  sq  ft  would  be  required  for  a  thickener  area.   In  addition, 
depending  upon  which  method  of  separating  the  organic  sludge  from,  the 
acidified  aluminum  phosphate  solution  was  employed,  either  a  26-sq-ft 
sedimentation  tank  or  a  30-sa-ft  vacuum  filter  area  would  be  needed. 


CHAPTER  8 
ECONOMICS  OF  ALUMINUM  RECOVERY 

Calculations  of  the  cost  for  aluminum  recovery  were  based  on  the 
two  examples  of  process  design  in  Chapter  7.   For  comparison  purposes 
the  cost  of  treating  the  sludge  without  alum  recovery  has  been  calcu- 
lated.  It  was  assumed  that  dewatering  of  the  alum  sludge  to  about  20% 
solids  content  Xv^ould  be  required  for  proper  disposal.   Calculations  for 
the  cost  of  alum  recovery  were  presented  for  systems  producing  a  final 
sludge  solids  of  about  20%  or  40%.   The  best  estimates  available  in  the 
literature  for  sludge  dewatering  and  capital  costs  have  been  utilized. 
Chemical  costs  were  based  on  the  "Chemical  Marketing  Report"  values  of 
January  27,  1975.   Chemical  costs  do  not  include  shipping  charges.   It 
was  expected  that  chemical  costs  will  vary  greatly  from  location  to  loca- 
tion and  the  values  should  be  corrected  for  local  conditions.   Table  8-1 
shows  the  chemical  costs  that  were  used  for  cost  calculations.   All 
costs  were  based  on  a  one-MGD  plant,  and  were  calculated  per  million 
gallons  of  treatment  plant  flow. 

8-1   Case  I.   60  mg/l   Alum  Dose  Without  Alum  Recovery 

The  costs  associated  with  sludge  handling  included  thickening,  de- 
tering  by  vacuum  filtration,  and  final  disposal.  A  60  mg/l  alum  dose 
uld  require  0.25  tons  of  alum  per  day,  at  an  associated  cost  of  about 
$25  per  million  gallons.  The  total  sludge  produced,  based  on  50%  vola- 
tile sludge,  was  equivalent  of  about  400  lb  per  million  gallons  (section 
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TABLE  8-1 

Cost  of  Chemicals  Used  in  Aluminum  Recovery 
by  Solvent  Extraction 


Alum,^  bulk,  17%  AI2O3  $99  per  ton 

Hydrated  lime,^  bulk,  100%  $25  per  ton 

Sulfuric  Acid,^  100%  $47.40  per  ton 

Calcium  Phosphate  fertilizer, 

18% -P  $74-$100  "per  ton 

Mono-di (2-etbylhexyl) 

phosphoric  acid°  $0.78  per  pound 

Kerosene^  $0.30  per  gallon 


Source:   a.   "Chemical  Marketing  Report,"  January  27,  1975. 

b.  Stauffer  chemicals  —  price  when  purchased  in 
55-gallon  quantities. 

c.  Approximate  wholesale  cost,  Gainesville,  Florida. 
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6-1).   A  cost  of  $197  per  dry  ton  of  sludge  for  vacuum  filtration  has 
been  previously  founc  [69].   This  cost  included  thickening,  vacuum  fil- 
tration, and  hauling  to  a  landfill.   In  the  cost  analysis  above  the 
sludge  was  assumed  to  have  an  initial  solids  content  of  1%,  and  a  final 
solids  of  25%.   The  devjatering  costs  were  based  on  1968  dollars.   Since 
1968,  materials  and  construction  costs  have  increased  by  a  factor  of 
1.9  and  labor  costs  by  about  2.1  [70].   It  can  be  safely  assumed  that 
power  costs  have  at  least  doubled  since  1968.   Applying  a  factor  of  2, 
the  1975  cost  of  alum  sludge  handling  is  about  $400  per  ton.   At  0.2 
tons  per  million  gallcwis  the  cost  is  $80.00/'iG. 

8-2  Case  II.   60  mg/£  Alum  Dose  With  Alum  Recovery 

The  chemical  costs  included:   make-up  alum;  sulfuric  acid  for  acid- 
ulation;  lime  for  phosphate  precipitation,  if  used;  make-up  solvent;  sul- 
furic acid  for  stripping;  and,  lime  for  recovered  alum  pH  adjustment. 
Capital  costs  included:   thickener;  acidulation  tank;  sedimentation  tank 
or  vacuum  filter;  extraction  and  stripping  mixer-settler  tanks;  mixers; 
2  acid  meters;  1  or  2  lime  feeders;  initial  organic  solution;  and  a 
calcium  phosphate  precipitation  tank  (optional) .   Due  to  the  high  value 
of  the  phosphate  fertilizer  it  was  assumed  that  the  precipitation  of  the 
phosphate  had  no  net  cost.   It  may  in  fact  be  that  a  slight  cost  would 
be  incurred,  or  that  a  profit  could  be  realized  from  sale  of  the  ferti- 
lizer. 

8-2-1   Chemical  costs  at  60  mg/£  alum  dose 

^•Jhen  sedimentation  was  used'  to  separate  the  acidified  supernatant 
from  the  residual  organic  sludge,  89%  alum  recovery  was  achieved.   This 
required  1].%  make-up  alum  at  a  cost  of  $2.75/MG.   If  vacuum  filtration  were 


used  for  organic  sludge  separation  only  5%  nake-up  aluin  would  be  needed, 
at  a  cost  of  S1.25/MG.   The  sulfuric  acid  requirement  to  obtain  an  aci.d- 
ulation  pH  of  2.00  was  327  lb  per  Tnillion  gallons  (section  7-1-2),  at  a 
cost  of  $7.75/KG.   Extraction  required  a  0.26  M  (section  7-1-3)  solution 
of  MDERPA,  or  0.575  lb  of  MDEHPA  per  gallon  of  kerosene.   The  solvent, 
therefore,  had  a  cost  of  $.75  per  gallon.   The  loss  of  organic  solvent 
was  estimated  at  about  3.75  (section  6-5)  gallons  per  million  gallons 
of  treatment  plant  flow,  or  a  cost  of  $2.80/lIG.   The  acid  required  for 
stripping  would  be  167  gallons  of  6  N  H230^  per  million  gallons  plant 
flow  (section  7-1-5),  or  about  0.2  tons  of  100%  H2S0^  per  million  gal- 
lons.  This  represented  a  cost  of  $9.68/MG.   The  lime  for  alum  pK  ad- 
justment was  equivalent  to  136  Ib/MG  (section  7-1-5),  or  $1.70/MG.   The 
total  chemical  cost  was  $21.93/MG  plus  make-up  alum., 

8-2-2   Total  capital  and  operating  costs  at  60  mg/£  aliffll" dose 

The  costs  listed  below  have  all  been  adjusted  by  this  author  to 
1975  dollars.   Thickening  has  a  cost  of  about  $20  per  dry  ton  for  a 
plant  producing  1  ton/day  [71],  representing  a  cost  of  $4.00/MG  at  a 
total  sludge  of  0.2  tcns/MG.   Small  scale  clarifiers  cost  about  $0.03/ 
1000  gal  [72],   At  a  flow  of  2500  gal/MG  the  cost  would  be  $0.08/MG.  ■ 
Vacuum  filtration  costs  for  organic  wastewater  sludges  is  about  $50  per 
dry  ton  [72],  or  a  cost  of  $5.G0/MG.   Tanks  for  extraction,  stripping, 
and  acidulation,  mixers,  and  chemical  feeders,  and  the  initial  purchase 
of  org-inic  solvent  were  estimated  at  $5.40/MG  (see  Table  8-2).   The 
total  capital  and  operating  cost  with  sedimentation  would  be  $9.48/i'!G; 
the  cost  with  vacuum  filtration  would  be  $14.40. 


TABLE  8-2 

Aluminum  Recovery  by  Solvent  Extraction 
Capital  and  Operating  Costs 


Item  Initial  Cost 

I.   Mixers  and  Settlers  $3,500 

II.   Mixers  $3,0C0 

III.   Acid  Meters  $2,600 

IV.   Lime  Feeders  $2,000 

V.   Organic  Solution  $100 

Amoritized  capital  cost  at  8%  interest   =  $2,70/MR 

Annual  labor  and  operating  cost,  calcu- 
lated at  twice  the  amoritized  capital 

cost  =  $2.70/MG 

Total  Cost  -  $5.40/MG 
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8-3   Case  III.   200  mg/:l   Alum  Dose  Without  Alum  Recovery 

A  total  of  0.834  tons  of  alum  per  million  gallons  would  be  reqiiired 
for  a  dose  of  200  mg/i,.   The  alum  cost  for  0.54  tons  is  about  $84/MG. 
The  total  dry  sludge   produced  was  equivalent  to  0.706  tons/MG.   The  cost 
of  thickening,  dewatering  and  final  disposal  would  be  $400  per  dry  ton, 
or  $282.00/MG. 

8-4   Case  IV.   200  mg/ii  Alum  Dose  With  Alum  Recovery 

The  total  costs  necessary  for  recovery  for  a  200  mg/S-  alum  would  be 
about  the  same  as  for  the  60  mg/£,  example  above,  with  the  exception  of 
thickening  and  the  separation  of  aluminum  from  the  organic  sludge  if 

A, 

vacuum  filtration  were  used.   The  cost  for  thickening  is  $20  per  dry 
ton,  resulting  in  a  cost  of  $14.00/MG.   Vacuum  filtration  of  the  organic 
sludge  would  cost  about  $17.50/KG. 

8-4-1   Chemical  costs  at  200  mg/?,  alum  dose 

When  sedimentation  vras  used  88.5%  (section  7-2-6)  of  the  alum  was 
recovered,  requiring  11.5%  make-up  alum  of  a  cost  of  $9.&6/MG.   I-Jhen 
vacuum  filtration  was  used,  5%  make-up  alum  was  required  at  a  cost  of 
$4.20/MG.   The  sulfuric  acid  required  to  obtain  a  pH  of  2  was  equivalent 
to  1140  Ib/MG  (section  7-2-2)  at  a  cost  of  $27.02/MG.   Extraction  re- 
quired a  0.95  K  solution  of  MDEHPA  (section  7-2-3).   The  solvent  cost 
was  $1.94/gal.   At  a  solvent  loss  of  3.75  gal/MG  the  cost  of  make-up 
solvent  would  be  $7.28/MG.   The  sulfuric  acid  required  for  stripping 
was  332  gal/MG  of  6  N  H2S0^  (section  7-2-5),  or  about  0.4  tons  of  100% 
H2S0^/MG.   This  corresponded  to  a  cost  of  $18.96/MG.   pH  adjustment  of 
the  recovered  alum  was  not  required  in  this  case. 


193 


8-5   Summary'  of  Process  Costs 

The  cost  for  construction  and  naintenance  for  phosphate  removal  by 
alum  addition  to  secondary  effluent,  neglecting  cheiTiical  and  sludge 
handling  costs,  is  about  $150/MG  [3].   With  sludge  handling  costs  and 
alum  cost  added  to  this  figure  from  Table  8-3,  the  total  cost  rises  to 
$255/MG  at  a  60  mg/£  alum  dose,  and  to  $516/MG  at  a  200  rng/i  alum  dose. 
Table  8-3  presents  a  summary  of  the  costs  of  sludge  handling  with  and 
without  alum  recovery.   By  using  the  solvent  extraction  process  for 
alum  recovery,  phosphate  removal  costs  can  be  reduced  to  about  $185/MG 
including  solids  handling  at  a  60  mg/!i  alum  dose  and  to  $230/KG  at  a 
200  yng/Z   alum  dose.   As  can  be  seen  from  Table  8-3,  the  costs  for  alum 
recovery  are  less  than  the  cost  of  purchasing  alum.   However,  the  large 
savings  is  primarily  the  result  of  reduction  in  sludge  dewatering  costs. 
The  sludge  resulting  from  alum  recovery  is  about  one-half  in  total 
weight  of  the  sludge  originally  produced.   In  addition  to  the  savings 
that  result  from  less  sludge  to  treat,  the  sludge  is  entirely  organic j 
which  dewaters  about  ten  times  easier  than  the  original  alum-organic 
sludge.   The  cost  analysis  indicated  that  the  most  economical  method 
of  alum  recovery  would  be  to  separate  the  acidified  aluminum-phosphate 
from  the  organic  sludge  by  sedimentation.   With  this  method,  the  sludge 
was  reduced  in  volume  by  a  factor  of  10  to  15  and  correspondingly  con- 
centrated.  This  organic  sludge  had  good  settling  properities  and  could 
be  sent  to  the  primary  sedimentation  tank  with  proper  pH  adjustment. 
By  this  method,  therefore,  additional  sludge  handling  due  to  phosphate 
precipitation  has  almost  been  eliminated.   The  procedure  employed  by 
the  treatment  plant  for  primary  sludge  treatment  could  be  scaled-up  to 
accommodate  the  additional  organic  solids.   This  would  norm.ally 
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TABLE  8-3 
Summary  Cost  of  Alurrdnim  Recovery  by  Solvent  Extraction 

I.   60  iiig/£  AJLun  Dosage  to  Secondary  Effluent 


T-7ithout  Recovery 


With  Recovery 
Sedimentation   Filtration 


Final  solids  produced,  %      20-25 

Alum,  $/MG  S  25.00 

Make-up  alun,  $/MG 

Vacuum  filtration,  $/MG       80.00 

Sedimentation,  S/KG 

Recovery  chenicals,  $7-''G 

Recovery  capital,  $/MG 

Total  $/MG  $105.00 


15-20 

40-60 

$     2.75 

$     1.25 

5. CO 

0.08 

21.93 

21.93 

9.40 

9.40 

$   34.16 

$   37.58 

II.   200  mg/-1  Alum  Dosage  to  Secondary  Effluent 


Without  Pvecovery 


With  Recovery 
Sedimentation   Filtration 


Final  solids  produced,  %      20-25 

Alum,  $/lIG  $  84.00 

Make-up  alum,  $/YiG 

Vacuum  filtration,  $/MG      282.00 

Sedimentation,  $/MG 

Recovery  chemicals,  $/MG 

Recovery  capital,  $/MG 


Total,  $/MG 


$366.00 


15-20 

40-60 

$      9.66 

$ 

4.20 
17.50 

0.08 

53.26 

D3.26 

19.40 

19 .  40 

$  32.40 


$  •^4.36 
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involve  enlarging  the  anaerobic  digesters.   Any  problems  which  would  have 
resulted  by  putting  alum  sludge  into  the  digestor  have  been  eliminated. 
The  returned  organic  sludge  would  contain  about  7%  of  the  original  alu- 
minum and  phosphate  that  would  settle  out  during  primary  settling.   This 
small  amount  of  aluminum  should  not  have  an  adverse  effect  on  digestion. 
It  has  been  assumed  in  the  cost  analysis  that  if  the  alum  were  not 
recovered,  then  the  sludge  would  have  to  be  dewatered  by  a  mechanical 
procedure  such  as  vacuum  filtration.   This  seems  to  be  a  reasonable 
assumption  based  on  results  which  have  been  found  in  attempting  other 
m.ethods  for  alum  sludge  treatment.   If  a  procedure  other  than  vacuum 
filtration  would  be  utilized  for  sludge  handling,  the  costs  would  have 
to  be  appropriately  adjusted. 


CHAPTER  9 

CONCLUSIONS  ai;d  recommendations 

The  stated  goal  of  this  research  was  to  devise  an  economical  means 
of  recovering  alumin'jra  from  sludges  produced  by  alum  coagulation  for 
phosphate  removal  of  secondary  treated  wastewater  effluent.   A  solvent 
extraction  process  was  developed  whereby  the  total  cost  of  phosphate 
sludge  handling  could  be  reduced  to  207,   of  its  original  value  for  a 
treatment  plant  removing  10  Tr.g/?,-P,  operating  at  a  200  ing/2.  alum  dos- 
age.  In  this  chapter  a  summary  of  the  proposed  process  design  for  alum 
recovery  is  presented.   This  is  followed  by  recommendations  for  future 
research. 

9--1   Summary  of  Alum  Recovery  by  Solvent  Extraction 

Precipitation  of  the  phosphates  from  secondary  effluent  required  an 

3-i- 
Al   :?0/-P  molar  ratio  ot  about  1.57:1.   The  "Yesultins  solids  produced 

3+ 
had  an  Al   :inorganic  suspended  solids  weight  ratio  of  4.75.   Both  of 

these  ratios  indicated  that  sterrettite,  (Al  (OH)  2)  3HP04H2i'04(s)  ,  was 
precipitated  rather  than  A1P04(3). 

It  was  found  that  at  a  pH  of  2,  100%  of  the  aluminum  present  in  the 
sludge  V7as  dissolved.   The  remaining  organic  sludge  was  about  one-half 
by  weight  of  the  original  sludge.   The  organic  sludge  immediately  floc- 
culated and  settled  after  pH  reduction.   The  dissolved  aluminum  could 
be  separated  from  the  organic;;  by  either  sedimentation  or  filtration. 
Sedimentation  resulted  in  93%  aluminum  separation  and  produced  a  solids 
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content  of  15%  to  20%  for  disposal.   Filtration  separated  100%  of  the 
aluminum  and  produced  a  solids  of  40%  to  60%  for  disposal.   Filtration 
did  not  pay  for  the  additional  7%  aluminum  recovery,  so  that  a  final 
solids  of  40%  is  required  in  order  to  justify  filtration.   By  reducing 
the  pH  to  2.00,  the  volume  of  sludge  was  reduced  by  a  factor  of  10  to  15. 

The  acidified  aluminum  was  separated  from  the  dissolved  phosphate 
by  a  liquid  extraction  procedure.   The  solution  was  contacted  with  kero- 
sene containing  an  equal  molar  mixture  of  mono-  and  di(2-ethylhexyl) 
phosphoric  acid  (MDEHPA) .   Approximately  98%  of  the  aluminum  reacted 
with  the  i>Q)EHPA  and  became  kerosene  soluble;  resulting  in  separation 
from  the  phosphate  solution.   A  linear  relationship  was  found  between 
MDEHPA.  needed  and  aliiininur?.  concentration  in  the  sludge.   A  two  stage, 
countercurrent  extraction  process  would  generally  be  required  for  alu- 
minum recovery.   The  phosphate  solution  which  rem.ained  could  be  dis- 
posed of  either  bj^  use  of  the  aqueous  solution  as  a  fertilizer  or  by 
raising  the  pH  to  7  v.'ith  lime,  thereby  precipitating  a  valuable  calcium- 
phosphate  fertilizer.   The  precipitate  was  a  very  clean,  white  solid, 
which  dev/atered  readily.   The  aluminum  rich  kerosene  was  contacted 
with  5  N  H2S0^  to  force  the  aluminum  into  the  acid  at  a  kerosene : acid 
volume  ratio  of  15:1  or  less,  such  that  the  final  recovered  alum  concen- 
tration was  50%,  the  same  as  commercial  liquid  alum.   The  kerosene  was 
recycled  with  a  very  small  loss.   The  low  sludge  flows,  and  small  de- 
te"ation  times  necessary  resulted  in  a  requirement  of  only  ten  55-gallon 
tanks  per  million  gallons  of  treatment  plant  flow,  plus  a  thickener, 
for  the  process  operation.   The  process,  therefore,  requires  very 
small  capital  investment.   It  is  equally  applicable  to  1  MGD  plants  as 
to  10  I'GD  plants.   The  overall  aluminum  recovery  ranged  from  89%  to  95%, 
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depending  upon  the  method  for  separation  of  the  acidified  aluininuni- 
phosphate  supernatant  from  the  residual  organic  sludge. 

9-2  Theoretical  Findings  of  This  Research 

The  extraction  of  aluminum  by  an  equal  nolar  mixture  of  irono-  and 
di(2-ethylhexyl)  phosphoric  acid  was  found  to  follow  a  chemical  reaction 
such  that  KDEHPA  reacted  as  a  dimer  up  to  an  aluminum :MDEHP A  mo]_ar  ratio 
of  0.185:1.   The  equilibrium  constant  was  found  to  be  46.4±0.95  (pK  = 
-1.67±.01).   Above  the  0.185:1  ratio,  the  MDEHPA  reacted  as  a  monomer, 
such  that  the  extraction  coefficient  varied  as  the  2nd  pov.'er  of  MDEHPA 
concentration.   Correspondingly,  the  extraction  coefficient  was  two 
orders  of  -magnitude  less  in  the  range  vjhere  MDEHPA  reacted  as  a  monom.er 
than  in  the  range  where  ^fflEHPA  reacted  as  a  dimer. 

It  was  concluded  from  this  research  that  the  two-film  theory  of  alu- 
minum extraction  by  MDEHPA  did  not  apply.   The  tv70-film  theory  required 
that  the  oil/v;ater  interface  be  at  equilibrium  and  that  as  MDEHPA  ap- 
proached the  interface,  >E)EHPA-A1  left  the  interface  at  an  equal  rate. 
It  was  felt  that  initially  all  the  >1DEHPA  existed  at  the  oil/water  inter- 
face and  that  the  interface  was  not  at  equilibrium.   The  MDEHPA  reacted 
with  the  aluminum  in  order  to  bring  the  interface  to  equilibrium.   The 
rate  of  aluminum  extraction  would  therefore  be  controlled  primarily  by 
the  chemical  reaction  rate  between  MDEHPA  and  aluminum  at  the  oil/water 
interface. 

9-3  Suggested  Further  Research 

9-3-1  Theoretical  considerations 

The  proposed  theory  of  aluminum  extraction  has  some  interesting 
aspects  which  need  further  exploration.   In  order  to  verify  that  the 
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iTiajority  of  the  JIDEHPA  can  exist  at  the  oil/water   interface  accurate 
measurements  of  the  droplet  sizes  need  to  be  perforined.   This  can  prob- 
ably best  be  done  by  flash  drying  the  emulsions  and  measuring  the  sizes 
by  utilizing  electron  micrographs.   It  could  also  be  determined  if  the 

MDEHPA-Al  complex  remains  at  the  interface  or  immediately  moves  into  the 

26 
bulk  organic  phase.   This  could  be  found  by  utilizing  Al    to  trace  the 

movement  of  aluminum.   If  a  monolayer  of  tIDEHPA  is  placed  at  a  quies- 
cent oil/water  interface,  it  will  react  with  the  radioactive  aluminum. 

26 
The  bulk  organic  phase  can  then  be  monitored  for  Al^   to  determine  if 

the  l^EHPA-Al  complex  leaves  the  interface  and  enters  the  bulk  phase. 

By  better  understanding  the  surface  mechanism  of  aluminum  extraction  it 

may  be  possible  to  further  optimize  the  process. 

9-3-2  Engineering  considerations 

The  most  pressing  need  for  further  research  of  the  process  is  to 
conduct  pilot-scale  operation  of  the  solvent  extraction  system.   Only  by 
a  continuous  pilot-scale  operation  can  the  recovery  of  aluminum  be  fully 
evaluated.   One  potential  problem  of  this  method  is  that  the  high  mixing 
rates  necessary  for  kerosene-water  contact  may  cause  frothing.   If  this 
does  occur,  the  flow  rates  would  have  to  be  modified  in  order  to  main- 
tain an  organic  continuous  phase.   This  research  has  only  been  applied 
to  sludges  produced  by  tertiary  phosphate  removal.   The  process  should 
be  operated  on  sludges  produced  by  alum  addition  to  other  points  in  the 
treatment  plant  process. 

It  was  noticed  during  this  research  that  the  dissolved  organic 
color  was  not  transferred  through  the  kerosene  into  the  recovered  alum 
solution.   This  indicated  that  the  process  should  be  very  applicable  to 
sludge  produced  by  alum  addition  for  color  removal  in  potable  water 
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tre3t)-ent.   Previous  alum  recovery  raethods  from  tliese  sludges  have  not 
been  coir.pletely  successful  due  to  recirculation  of  the  dissolved  color. 
A  further  extension  of  this  research  is  to  apply  the  recovery  pro- 
cess to  iron-phosphate  sludges.   If  the  iron-phosphate  sludge  can  be  suc- 

3+ 
cessfully  dissolved,  it  would  be  possible  to  extract  the  Fe    into  kero- 

3+ 
sene  by  a  suitable  alkyl  phosphoric  acid.   Successful  Fe   extraction 

procedures  can  be  found  in  the  literature  and  it  should  not  be  difficult 

to  adopt  these  procedures  to  wastewater  sludge  treatment. 
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